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Renewable Para-Xylene
Abstract
This report details a process designed to renewably produce 400 million pounds of para-xylene per year from
corn dry grind, sugar cane molasses (SCM), or woody biomass while minimizing water use. The para-xylene
should be suitable for the production of polymers and plastics, and should be economical and green. All three
feedstocks are equally suitable for the process and available for use.
The process is designed for SCM and consumes a total feed of 9.35 billion pounds of molasses per year. Corn
dry grind is simply too expensive, and biomass, while cheaper per pound, imposes too many additional pre-
processing costs. The molasses first undergoes hydrolysis then hydrogenation, followed by condensation and
separation involving distillation and crystallization. Transalkylation and aqueous phase reforming are also
employed to boost yield and create a self-contained process.
Several key assumptions are inherent in this process’s design. First, all reactor yields come directly from
specific examples in the literature. Second, results found in the patents for glycerol were assumed valid for
sorbitol as well, since not all patents used the same materials for their examples. Third, the economic analysis
assumes that raw materials for catalyst manufacture can be purchased in bulk for a quarter of the price for
small quantities. This assumption was suggested by Dr. Fabiano.
Based on these assumptions, the process designed herein meets the desired non-financial criteria, but results
in an investor’s rate of return of negative 2.90% and a net present value of negative $196 million. However,
further research into the catalyst or reactor yields could easily allow the process to break even or offer an
attractive return.
This working paper is available at ScholarlyCommons: http://repository.upenn.edu/cbe_sdr/36
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Dear Dr. Wattenbarger, Dr. Fabiano, and Mr. Stephen Tieri, 
 Following our original Senior Design Project Statement, we have designed a process for the 
renewable production of para-xylene, enclosed herein. As requested, this process produces 400 
million pounds of para-xylene per annum from our chosen input, sugar cane molasses. In spite of the 
limited information available on cutting-edge technology, we believe the following process 
accurately estimates the costs and challenges associated with the renewable production of para-
xylene, as well as identifies the key drivers of feasibility and profitability for further investigation. 
 Based on para-xylene and benzene selling prices of $0.83 and $0.45 per pound, respectively, 
and a purchase cost of $0.03 per pound for sugar cane molasses, as well as further considerations 
contained within this report, we believe that the renewable production of para-xylene is not 
profitable, and recommend against construction of the process. However, we recommend further 
research into yields obtainable in aqueous phase reforming and in condensation, as well as the cost 
to manufacture zeolite or similarly-capable catalysts; both will profoundly alter our economic 
analysis and may enable this project to offer significant returns to the investor. 
Sincerely, 
       
 
Eric Castillo 
  
Tyler Ernst 
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I. INTRODUCTION 
Abstract 
This report details a process designed to renewably produce 400 million pounds of para-
xylene per year from corn dry grind, sugar cane molasses (SCM), or woody biomass while 
minimizing water use. The para-xylene should be suitable for the production of polymers and 
plastics, and should be economical and green. All three feedstocks are equally suitable for the 
process and available for use.  
 The process is designed for SCM and consumes a total feed of 9.35 billion pounds of 
molasses per year. Corn dry grind is simply too expensive, and biomass, while cheaper per pound, 
imposes too many additional pre-processing costs. The molasses first undergoes hydrolysis then 
hydrogenation, followed by condensation and separation involving distillation and crystallization. 
Transalkylation and aqueous phase reforming are also employed to boost yield and create a self-
contained process. 
 Several key assumptions are inherent in this process’s design. First, all reactor yields come 
directly from specific examples in the literature. Second, results found in the patents for glycerol 
were assumed valid for sorbitol as well, since not all patents used the same materials for their 
examples. Third, the economic analysis assumes that raw materials for catalyst manufacture can be 
purchased in bulk for a quarter of the price for small quantities. This assumption was suggested by 
Dr. Fabiano. 
 Based on these assumptions, the process designed herein meets the desired non-financial 
criteria, but results in an investor’s rate of return of negative 2.90% and a net present value of 
negative $196 million. However, further research into the catalyst or reactor yields could easily 
allow the process to break even or offer an attractive return. 
Castillo, Ernst, Lerch, Winchester 
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Process Overview 
This process aims to produce 400 million pounds of para-xylene per 
year from woody biomass, corn dry grind, or sugar cane juice, and must be 
both environmentally friendly and water-conserving. The para-xylene must 
be suitable for use in the manufacture of polymeric fibers and plastics such as 
polyethylene terephthalate (PET). 
 Para-xylene is a critical component in the manufacture of PET, used in high quantities to 
produce fibers, bottles, and other synthetic plastics and polymers. The market for para-xylene has 
grown by five to ten percent annually over the last several years, and is predicted to continue doing 
so in the near future. Current para-xylene production consumes valuable and non-renewable 
hydrocarbon-based feed materials. As demand continues to rise and these resources continue to 
dwindle, consumers of para-xylene foresee an unwelcome increase in the monetary and societal cost 
of these processes, and are actively seeking renewable alternatives as part of their environmental 
initiatives. Other than its more desirable environmental impact, renewably-produced para-xylene is 
indistinguishable from conventionally-produced para-xylene when used by the consumer. While 
somewhat small in comparison to the large para-xylene producers, 400 million pounds per year 
would signify a key first step towards renewable production in this market. There are currently no 
commercially operational plants that renewably produce para-xylene. 
 The process contained herein aims to renewably produce 400 million pounds of para-xylene 
per year. In addition to producing the specified quantity of para-xylene, the process also generates 
additional water which is recovered and reused. Significant quantities of benzene are also produced, 
which can be sold off for use in other industries. The process was designed to produce as many of its 
own materials as possible, including the water recovered from the process and the hydrogen 
generated in the aqueous phase reforming. The process also takes advantage of recycle loops to 
Section I: Introduction 
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ensure high levels of conversion and recovery, but does so without the use of additional costly units 
and equipment, aside from the increase in size associated with recycle streams. Only the sugar cane 
juice must be purchased externally, and is available from sugar cane ethanol facilities already 
acquired by the investigating company.  
Molasses was chosen over corn dry grind due to its superior upfront cost, and over woody 
biomass due to the pre-processing costs bypassed by using a material already composed of sucrose. 
The process’s demand for molasses will, however, be significant enough to be noticed by the 
molasses market at large, and will likely affect the equilibrium market price. 
 Information used to design individual blocks within the process comes from patents and 
other relevant literature. The design adhered strictly to specific examples within the literature in 
order to ensure a conservative and accurate assessment of the process’s feasibility. Most notably, 
yields from the aqueous phase reforming, condensation, and transalkylation reactors were 
constrained to remain consistent with examples found in patents. However, the number of specific 
examples was limited, and as a result the process hinges on several key parameters, such as catalyst 
prices and reactor yields, that must be further investigated to provide a final assessment of the 
project’s economic viability. Based on the information available at present, the process is not 
profitable, but a small and reasonable shift in any one of several key parameters, discussed in greater 
detail in the report, would dramatically alter this prognosis. 
Input Analysis 
A major component of the design objectives is the identification of the optimal raw material 
input for a green para-xylene production process. The company commissioning this design recently 
acquired corn dry-grind (Nebraska) and sugar-cane ethanol (São Paolo) facilities; additionally, the 
company is negotiating a woody biomass supply from Washington. In order to determine the optimal 
raw material input(s), a sequential analysis was performed. In phase one of the analysis, corn dry-
Castillo, Ernst, Lerch, Winchester 
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grind outputs were eliminated on the basis of cost; in phase two, sugar cane molasses (SCM) won 
out as the optimal input on the basis of cost and availability.  
Phase One: Screening by Cost Estimation 
Corn Dry-Grind 
The production of ethanol requires that whole grain corn be ground into a powder, which 
enters aqueous slurry and is fermented. The waste from this process is called the whole stillage. 
Whole stillage undergoes phase separation, the solids portion of which is called wet distillers’ grains 
with solubles (WDGS). WDGS is frequently dried and sold as dried distillers’ grains with solubles 
(DDGS). DDGS is used as livestock feed, and the drying process helps extend its shelf life. It was 
assumed that both WDGS and DDGS would be available to the designed facility. Information on 
these inputs is available in Figure 1, but the important takeaway is that DDGS and WDGS contain 
29.4% and 33.4% sugar (glucan and xylan), respectively (Kim, 2008). 
Figure 1 
 
Suppliers for both WDGS and DDGS were located, which showed Midwest market prices to 
be ~$90/ton and ~$225/ton, respectively (Horner, 2012). The Scoular Company is an exemplary 
supplier due to its theoretical proximity (headquartered in Kansas), its scale (376M bushels and 
$4.9B sales annually), and its product line (i.e., availability of WDGS in addition to the more 
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common DDGS) (Scoular). These factors were advantageous because Scoular represents likely the 
lowest transportation costs and an accurate reflection of market-wide prices.  
Sugar-Cane By-products 
The primary material of-interest in the sugar-cane ethanol process is a raw cane juice and 
molasses mixture, which is typically used as the primary feedstock after the sugarcane is initially 
processed. Unfortunately, market information for the molasses mixture is not easily attainable. Since 
it is a feedstock produced in situ, it does not have a secondary market like DGS. That said, Gopal 
(2009) identified a rough market price of Brazilian sugar cane molasses at ~$60/ton. The same 
article notes higher real and opportunity costs for cane juice - “molasses has a significantly lower 
opportunity cost than raw cane juice” – so molasses became the sole focus of the evaluation 
henceforth. Note that the standard molasses concentration of total reducible sugars (TRS) was 
initially taken to be 50%. Finally, note that world production is estimated at 61.7 million tons, with 
roughly 25% of the world’s supply produced in Brazil, the proposed location of this facility (Licht, 
2011).  
Woody Biomass 
The source of woody biomass identified in the project is located in the state of Washington. 
The description notes forest-thinning, mill residue, and land-clearing debris would be available. In a 
2005 report by funded by the state government, Biomass Inventory and Bioenergy Assessment, the 
supply of such biomass in WA is noted as 6.3 million tons (Frear). Furthermore, in a 2000 study, it 
was estimated that mill residue could be delivered at a price of $30/ton (Antares Group). This latter 
figure is inflation-adjusted to $39.49 (CNM Group). It should be noted that this figure is optimistic 
since the original price quote was for a scale of 45 million tons, which significantly exceeds 
Washington’s total availability. 
Castillo, Ernst, Lerch, Winchester 
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Initial Screening Results 
Using the above figures, an initial screening solely on the basis of price permitted easy 
insight into the profitability ceiling of the proposed models. The comparative basis chosen was the 
maximum margin attainable. This is defined as the profit margin where the sole cost is input 
procurement (i.e., not factoring in the costs of equipment, transportation, utilities, etc.). This figure 
imposes a ceiling on process profitability and enabled the prioritization of research into the most 
theoretically profitable input materials. Woody biomass (WB), with a maximum margin of 93-97%, 
and SCM (at 94%) became the focus of effort. Note that WDS was found to be a viable alternative, 
but that it appears substantially more expensive than the other two inputs. DDGS was ruled out 
completely because it would cost ~3-10x more than the other inputs.  
Phase Two: In-Depth Screening 
The second phase of the input screening involved a closer look at getting raw materials to 
usable process inputs. It was quickly conclusive that SCM was favorable. Given that both substances 
are produced in enormous quantities, it was necessary to distinguish between them along another 
dimension - the question became one of whether the $20/ton savings from using biomass was worth 
the added enzymatic or acid-catalyzed processing to convert cellulose to glucose. Enzymes were 
quickly ruled out on the basis of cost and the necessity of a batch process. Acid-catalyzed processing 
was appealing, but ultimately, the route from SCM to glucose appeared both simpler and easier -- 
largely just adding water and decanting --, well in excess of the $20 savings per ton. 
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II. MARKET & COMPETITIVE ANALYSIS 
Porter’s Five Forces 
 The Porter’s Five Forces framework, developed by Michael Porter of the Harvard Business 
School in 1989, provides a framework to identify and evaluate less tangible aspects of a prospective 
market. The framework allows the user to evaluate attractiveness of the market based on (1) the 
bargaining power of suppliers, (2) the bargaining power of customers, (3) the threat of new entrants 
(4) the threat of substitute products, and (5) competitive rivalry within the industry. Based on the 
prevalence of each of these forces, prospective entrants can better evaluate a project’s potential. 
Bargaining power of suppliers 
The molasses used as feedstock is the only material that must be purchased externally. 
Fermentation processes use molasses to produce baker’s and brewer’s yeast, citric acid, industrial 
alcohol, monosodium glutamate, and lysine. In addition, many industries, in particular agricultural 
feed manufacturing, use molasses for its binding properties (DMH Website). The presence of these 
additional buyers implies a high bargaining power among suppliers. Furthermore, suppliers are 
likely to lower production in response to a predicted surplus
 
(DMH MB), which would further 
increase suppliers’ leverage.  
However, Cuba recently replaced its Ministry of Sugar with 13 separate state enterprises. The 
number of active sugar mills fell from 61 to 56, but overall bargaining power will fall without the 
ability to negotiate collectively. In addition, Beet molasses prices in eastern Europe have fallen 
dramatically (DMH MB), which will decrease the demand for cane molasses and further reduce 
suppliers’ bargaining power. Overall, bargaining power of suppliers, while moderately high, should 
decay somewhat in the near future. 
Castillo, Ernst, Lerch, Winchester 
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Bargaining power of customers 
Xylene and particularly para-xylene are already produced in high volumes within the United 
States. It serves as a solvent in the printing, rubber, and leather industries, as well as a cleaning 
agent, a thinner for paint, and a component of many varnishes. Gasoline also contains para-xylene in 
small quantities. Most importantly, producers of synthetic fibers and plastics rely on para-xylene to 
manufacture polyester and related compounds like polyethylene terephthalate (PET); plastic bottle 
production alone represents 98% of global para-xylene consumption (Habeck 1995). These 
industries are dominated by large companies, such as Koch industries, who can use their size to exert 
high bargaining power. 
In addition, supplies of para-xylene more than satisfy demand. Worldwide production 
capacity exceeded demand by over 4.5 million metric tons, meaning that average capacity utilization 
resides below 80%. In the short term, this likely counteracts any disadvantages in bargaining power 
that plague para-xylene customers. However, in the long term, the demand for para-xylene is 
expected to continue growing at 7% per annum, which should eliminate this excess capacity 
(Primary Information Services). Overall, the bargaining power of customers is high, but should 
decay steadily in the future. 
Threat of new entrants 
Demanders of para-xylene are actively encouraging a fiercely competitive para-xylene 
market inhabited by numerous new entrants, particularly those focused on renewable production. 
Most recently, Coca-cola, whose bottle manufacturing represents a significant fraction of annual 
para-xylene demand, recently invested in partnerships with three separate companies developing 
renewable para-xylene or substitute production processes: Gevo, Virent, and Avantium. In fact, 
Virent’s technology served as the basis for this process’s design. Pepsi, Coca-Cola’s chief 
competitor, responded with in-house development of their own renewable para-xylene production 
process. Both Coca-Cola and Pepsi expect to use these processes commercially by 2015 (Lane 
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2011). This means that even as demand continues to grow, new entrants will maintain a fierce level 
of competition in the para-xylene market. 
The Threat of Substitute products 
Para-xylene and its enabled polymer, polyethylene terephthalate (PET), have long served the 
markets mentioned under “Bargaining Power of Customers.” However, Avantium, a company that 
recently partnered with both Coca-Cola and Danone Research, is currently developing what they 
claim to be a viable alternative, polyethylene furanoate (PEF) using its patented YXY (“icksy”) 
catalyst technology. Independent studies by the Copernicus Institute at Utrecht University showed 
that PEF has a 50-60% lower carbon footprint that oil-based PET, and Avantium further claims that 
PEF is both lighter and more thermally resistant than PET (Danone, 2012). 
However, the process has not yet proven industrially viable. In addition, a renewable para-
xylene production process would mitigate or eliminate the carbon footprint advantages of PEF, 
dramatically lowering the incentive for bottle manufactures to invest in a transition to PEF. Because 
of these mitigating factors, the threat of substitutes is moderate. 
Competitive Rivalry 
Due to economies of scale, as well as consumer tendencies to require high quantities of para-
xylene, the market is dominated by a significant number of high-capacity firms that operate 
internationally. Some, such as Invsita, a subsidiary previously owned by DuPont and recently 
purchased by Koch Industries, are vertically integrated, and provide their own demand for para-
xylene in the form of polymers and polymer intermediates used in surfaces, materials, resins, and 
apparel (Koch, 2012). Others, such as Reliance Industries, have a more diversified portfolio. These 
companies produce para-xylene in quantities far exceeding the 200,000 tons of this process’s design 
(Reliance Industries is the 5
th
 largest at 1.86 million tons) (Reliance, 2012).
 
With so many large 
competitors, competitive rivalry is expected to be high. 
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SWOT Analysis 
 SWOT stands for Strengths, Weaknesses, Opportunities, and Threats. After analyzing the 
state of Porter’s Five Forces above, a SWOT framework enables the user to contextualize the 
information, draw conclusions, and make decisions. 
Strengths 
The first strength of this process is renewability. Para-xylene is not a new chemical, and the 
market has many large and well-established players. However, in the new age of environmental 
responsibility, the largest consumers of para-xylene are search for, and willing to invest heavily in, 
renewable alternatives to their current supplies. This creates competitive advantage over large 
incumbents in the market. 
Second, the process was designed to take advantage of excess benzene produced during 
condensation and transalkylation. Although not quite as lucrative as para-xylene, benzene is still a 
valuable chemical. In addition to the additional profit offered by this benzene on a regular basis, it 
provides greater financial stability for the process. Both para-xylene and benzene demand and prices 
have been historically volatile, but have not always followed one another. As such, should the price 
of para-xylene drop unexpectedly, the process will still generate revenue from the sale of benzene. 
Third, the para-xylene market in general is growing at an expected rate of 7% per annum. At 
this rate, there should be sufficient demand for para-xylene in general to sustain the process. 
Furthermore, if the market continues to grow, this process could be expanded or replicated elsewhere 
in order to establish a stronger foothold in the market at large. 
Weaknesses 
First, the process is dependent on molasses as a feedstock. Because suppliers of molasses are 
expected to exert a large amount of bargaining power in the near future, they could easily negotiate 
higher prices in response to an increase in demand, which would have a direct impact on the 
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process’s profitability. Unfortunately, the process’s molasses requirements represent a significant 
fraction of molasses production in Brazil, essentially ensuring that prices will rise. 
Second, the dominance of large and established para-xylene suppliers implies that this 
process will have to compete fiercely for customers, as well as accept market prices as given. Should 
the operating or materials costs rise for this particular process, it will be difficult to negotiate higher 
prices when larger competitors continue to sell at historical levels. 
Third, the current excess para-xylene production capacity suggests that finding customers 
immediately upon market entry will be difficult. Most likely, the process will have to cater to smaller 
niche buyers, which will increase organizational costs and directly affect profitability. 
Opportunities 
First and foremost, the largest consumers of para-xylene are actively searching for a 
renewable source of para-xylene. These buyers are large. They are adverse to change in general, and 
place a high value on mitigating risk. As already demonstrated by Virent, Gevo, and Avantium, 
these companies are willing to subsidize further research. In addition, whichever company is first to 
market will capture a large customer, who will have little incentive to switch to any new entrant 
without a significantly superior value proposition. 
Second, many industries, both those mentioned in the “Bargaining Power of Customers,” and 
others, that could either begin using or make greater use of para-xylene are largely overlooked by the 
large players in the market. A smaller plant, such as this one, could better serve these smaller 
customers in a smaller, more profitable niche market while simultaneously contributing to increased 
total demand. 
Third, although molasses prices are predicted to rise in response to this new para-xylene 
production process, the current slump in demand for cane molasses provides an opportunity to 
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mitigate these rises. Molasses suppliers will dislike falling prices, and should be more willing to 
enter into long-term contracts at the current market price in order to avoid short-term losses.  
Threats 
First, Virent and Gevo are already developing similar processes for the renewable production 
of para-xylene. If either succeeds and enters the market first, they are likely to capture most or all of 
the demand for renewable para-xylene. This will leave later entrant to either battle to steal market 
share or compete with non-renewable suppliers for customers. Either represents a challenge for late 
entrants to operate at full-capacity. 
Second, Avantium’s prototype process for PEF threatens to decrease demand for para-xylene 
overall. This will have the direct effect of lowering the market price of para-xylene. Indirectly, many 
of Porter’s Five Forces are currently unfavorable for a new entry, but are expected to improve as a 
result of steady increase in demand. If PEF proves viable and superior to PET, these conditions will 
remain unfavorable and make profitable operation in the market difficult. 
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III. OVERVIEW, FLOWSHEETS, and MATERIAL BALANCES 
Overview 
The goal of this process is to produce para-xylene from sugar cane molasses. From storage, 
molasses is pumped to the clarifying section in which ash and other impurities are removed to form a 
sucrose and water solution.  The sucrose is then hydrolyzed to form glucose and fructose.  The 
glucose and fructose are then hydrogenated to form sorbitol.  Sorbitol is used in the aqueous phase 
reforming to produce hydrogen, which is consumed in the hydrogenation reaction.  The majority of 
the sorbitol is reacted in the condensation section to form aromatics and other organic compounds.  
These compounds are then separated through distillation.  Certain alkanes and aromatics are then 
reacted in the transalkylation section through which additional para-xylene is formed, which is then 
sent back to the separation section.  In the separation section, para-xylene is separated from similar 
compounds through crystallization to yield the final product. 
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Section 000: Input Storage & Clarification 
Molasses is produced only nine months per year, which means that storage to maintain 
output levels throughout the three dry months is a key process consideration. This section details the 
storage of molasses, which requires 15 cone-roof tanks. One-third of these tanks will be in active use 
at any given time during the molasses season. The other two-thirds will be used to build up molasses 
supply throughout the year so that production can continue for the 92 days without raw material 
supply.  
Molasses is a raw material produced from sugar cane and has many impurities in it such as 
ash and various minerals and carbohydrates besides the desired sugars, sucrose, glucose, and 
fructose.  In order to remove these impurities and produce a sugar and water stream to be fed into the 
hydrolysis section, the molasses must undergo clarification.  Molasses is first diluted with water in a 
heated continuously stirred mixer.  Phosphoric acid and sodium hydroxide are added to precipitate 
impurities.  Once diluted, the mixture is fed to a large concrete clarifying vessel.  This allows the 
precipitated material to settle on the bottom of the clarifier, where it is scraped away by a rotating 
rake and leaves the clarifier as a sludge.  The liquid overflow from the clarifier is pumped through a 
rotary drum filter where impurities are further removed from the mixture.  Excess water is then 
evaporated to form a 50% sugar by mass solution, which is then pumped to the hydrolysis section. 
Since the project description states that the company has recently acquired “sugar-cane 
ethanol facilities” in Brazil, it is a reasonable assumption that the facilities are capable of molasses 
clarification and processing.  Because of this assumption, we focused on the aspects of the process 
downstream of the conversion of raw molasses into a sugar and water solution. 
However, a qualitative analysis of molasses clarification was examined and conservative 
estimates for the equipment and materials required were performed. 
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For each pound of molasses fed into the clarification process, .003 pounds of phosphoric acid 
and .004 pounds of sodium hydroxide would be required.  Additionally, .00006 pounds of flocculant 
would be necessary.  For our process, 1183104 pounds per hour of molasses are required.   At a cost 
of $850 per ton of phosphoric acid, $12 million per year would be spent on phosphoric acid.  At a 
cost of $500 per ton, $9 million per year would go to sodium hydroxide.  Flocculant would cost only 
$295,000 per year.   
A concrete clarifier with settling area of 88,258 square feet would cost $1,255,988 to 
purchase.  The rotary drum filter, removing 1500 pounds of filtrate per day per square foot, would 
have to have an area of 115 square feet and would cost $130,000.  In addition to this, an evaporator 
would likely be necessary to evaporate some of the water to turn the dilute sugar solution into a 50% 
sugar solution.   
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Section 100: Hydrolysis 
C12H22O11 + H2O ➡ 2 C6H12O6 
The hydrolysis reaction converts sucrose and water into glucose. Sucrose is hydrolyzed by an 
HY faujasite zeolite catalyst, with a Si/Al ratio of 15. While sucrose hydrolysis could take place by 
itself in water, it would take years to fully hydrolyze. The catalyst is put in place to expedite the 
process to a much more reasonable reaction velocity. The product, glucose, is the necessary feed 
materials for the hydrogenation reactor needed to generate sorbitol.  
The hydrolysis reaction process involves a splitter (SPT-100), six pumps (P-100, P-101,P-
102, P-103, P-104, and P-105), three heat exchangers (HX-100, HX-101, and HX-102), and three 
fixed bed reactors (R-100, R-101, and R-102) to convert sucrose and water to glucose. 
Pre-hydrolysis 
 The system input is fed into a splitter to make three identical streams and fed into the first 
three pumps (P-100, P-101, and P-102). The pumps are used to begin the flow of material 
throughout the process and make up for the frictional losses caused by the pipes. These pumps, feed 
the three heat exchangers (HX-100, HX-101, and HX-102). The heat exchangers are used to heat up 
the reactor feed streams to 100°C, while simultaneously cooling the condensation product stream. 
Catalyst 
 The HY faujasite catalyst can easily made by feeding H4SiO4 and NaAlO2 in a ratio of 
about 12 to 1 in the presence of NaOH and excess water. Faujasite crystals are formed through the 
use of steam aging HY crystals at 500°C for about 2 hours. To adjust the Si/Al ratio, after the steam 
aging, aqueous (NH4)2SiF6 is used until the Si/Al ratio is 15. The catalyst deactivation is estimated 
to be 13.9 g catalyst/lbmol sucrose fed, based on the deactivation rate of a similar catalyst, however 
the deactivation rate may actually be lower than estimated. The reason for the possibility of lower 
deactivation is evidenced by the claim that by running the reactor for 7 days, at a low flow, rate no 
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deactivation was observed. The catalyst can also easily be regenerated through a thermal treatment, 
in which hot air at 500°C is passed through the catalyst for 2 hours, when it has lost significant 
activity a limited number of times.  
Hydrolysis 
Once the streams are heated up they are fed into the three reactors (R-100, R-101, and R-
102). The reactors are typical industrial fixed bed reactors. They are essentially a series of tubes, 
filled with catalyst, in parallel. The tubes are laid out in such a way as to look similar to a shell and 
tube heat exchanger with many tubes. The reactors used for this process have over 10000 tubes per 
reactor. All three reactors operate at atmospheric pressure and 100°C and convert 100% of the 
sucrose to glucose. Once the reaction has taken place the three product streams are fed into the other 
three pumps to raise their pressure to 80 bar, after which they are mixed and  fed into the next 
section. 
These reactors were based off of examples found in the literature, in particular Moreau 
(1999). To hydrolyze sucrose, an approximately 600 g/l solution of sucrose is fed through a tubular 
reactor charged with the HY faujasite catalyst. The fixed bed reactor is held at 100°C. It was 
observed that approximately 99.9% of all sucrose fed into the reactor was converted to glucose. 
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Hydrolysis Stream Report (1 of 3)
S-100 S-101 S-102 S-103 S-104 S-105 S-106 S-107 S-108 S-109
Mass Flow (lb/hr)           
    Sorbitol 0 0 0 0 0 0 0 0 0 0
    Para-Xylene               0 0 0 0 0 0 0 0 0 0
    Ortho-Xylene               0 0 0 0 0 0 0 0 0 0
    Meta-Xylene               0 0 0 0 0 0 0 0 0 0
    Methane              0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0 0 0
    N-Butane 0 0 0 0 0 0 0 0 0 0
    N-Pentane 0 0 0 0 0 0 0 0 0 0
    N-Hexane 0 0 0 0 0 0 0 0 0 0
    Carbon Dioxide               0 0 0 0 0 0 0 0 0 0
    Water     618205 206068 206068 206068 206068 206068 206068 206068 206068 206068
    Hydrogen                 0 0 0 0 0 0 0 0 0 0
    Glucose 0 0 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0
    Sucrose 618205 206068 206068 206068 206068 206068 206068 206068 206068 206068
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 0 0 0 0 0 0 0 0
    Toluene 0 0 0 0 0 0 0 0 0 0
    Benzene 0 0 0 0 0 0 0 0 0 0
    Napthalene                 0 0 0 0 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    0 0 0 0 0 0 0 0 0 0
    Isopropylbenzene              0 0 0 0 0 0 0 0 0 0
    N-Heptane       0 0 0 0 0 0 0 0 0 0
    1-Butene 0 0 0 0 0 0 0 0 0 0
    1-Pentene 0 0 0 0 0 0 0 0 0 0
    1-Hexene 0 0 0 0 0 0 0 0 0 0
    1-Heptene  0 0 0 0 0 0 0 0 0 0
    Air              0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 36122 12041 12041 12041 12041 12041 12041 12041 12041 12041
Total Flow (lb/hr) 1236410 412136 412136 412136 412136 412136 412136 412136 412136 412136
Total Flow (cuft/hr)      16714 5571 5571 5571 5571 5571 5571 5953 5953 5953
Temperature (°F)          77.00 77.00 77.00 77.00 77.04 77.04 77.04 212.00 212.00 212.00
Pressure (psia)        14.70 14.70 14.70 14.70 40.41 41.15 41.15 40.41 41.15 41.15
Vapor Fraction        0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
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Hydrolysis Stream Report (2 of 3)
S-110 S-111 S-112 S-113 S-114 S-115 S-119 S-416 S-417 S-418
Mass Flow (lb/hr)           
    Sorbitol 0 0 0 0 0 0 0 0 0 0
    Para-Xylene               0 0 0 0 0 0 0 41138 13712 13713
    Ortho-Xylene               0 0 0 0 0 0 0 763 254 254
    Meta-Xylene               0 0 0 0 0 0 0 85 28 28
    Methane              0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0 0 0
    N-Butane 0 0 0 0 0 0 0 6059 2020 2020
    N-Pentane 0 0 0 0 0 0 0 23225 7741 7742
    N-Hexane 0 0 0 0 0 0 0 32312 10771 10771
    Carbon Dioxide               0 0 0 0 0 0 0 0 0 0
    Water     195221 195221 195221 195221 195221 195221 585662 792890 264294 264302
    Hydrogen                 0 0 0 0 0 0 0 389 130 130
    Glucose 216916 216916 216916 216916 216916 216916 650747 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 0 0 0 0 0 424 141 141
    Toluene 0 0 0 0 0 0 0 9087 3029 3029
    Benzene 0 0 0 0 0 0 0 2019 673 673
    Napthalene                 0 0 0 0 0 0 0 20195 6732 6732
    1,2,4-Trimethylbenzene    0 0 0 0 0 0 0 20195 6732 6732
    Isopropylbenzene              0 0 0 0 0 0 0 30293 10098 10098
    N-Heptane       0 0 0 0 0 0 0 7068 2356 2356
    1-Butene 0 0 0 0 0 0 0 972 324 324
    1-Pentene 0 0 0 0 0 0 0 2934 978 978
    1-Hexene 0 0 0 0 0 0 0 4081 1360 1361
    1-Heptene  0 0 0 0 0 0 0 893 298 298
    Air              0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 12040 12040 12040 12040 12040 12040 36121 46295 15432 15432
Total Flow (lb/hr) 412136 412136 412136 412136 412136 412136 1236410 995023 331671 331681
Total Flow (cuft/hr)      5745 5745 5745 5753 5753 5753 17259 822002 273998 274006
Temperature (°F)          212.00 212.00 212.00 214.16 214.16 214.16 214.16 698.00 698.00 698.00
Pressure (psia)        14.70 14.70 14.70 1181.70 1181.70 1181.70 1181.70 639.70 639.70 639.70
Vapor Fraction        0.00 0.00 0.00 0.00 0.00 0.00 0.00 1.00 1.00 1.00
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Hydrolysis Stream Report (3 of 3)
S-419 S-420 S-421 S-422 S-423
Mass Flow (lb/hr)      
    Sorbitol 0 0 0 0 0
    Para-Xylene               13712 13712 13712 13713 41138
    Ortho-Xylene               254 254 254 254 763
    Meta-Xylene               28 28 28 28 85
    Methane              0 0 0 0 0
    Ethane 0 0 0 0 0
    Propane 0 0 0 0 0
    N-Butane 2020 2020 2020 2020 6059
    N-Pentane 7741 7741 7741 7742 23225
    N-Hexane 10771 10771 10771 10771 32312
    Carbon Dioxide               0 0 0 0 0
    Water     264294 264294 264294 264302 792890
    Hydrogen                 130 130 130 130 389
    Glucose 0 0 0 0 0
    Oxygen 0 0 0 0 0
    Nitrogen                0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0
    Sucrose 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0
    Ethylbenzene 141 141 141 141 424
    Toluene 3029 3029 3029 3029 9087
    Benzene 673 673 673 673 2019
    Napthalene                 6732 6732 6732 6732 20195
    1,2,4-Trimethylbenzene    6732 6732 6732 6732 20195
    Isopropylbenzene              10098 10098 10098 10098 30293
    N-Heptane       2356 2356 2356 2356 7068
    1-Butene 324 324 324 324 972
    1-Pentene 978 978 978 978 2934
    1-Hexene 1360 1360 1360 1361 4081
    1-Heptene  298 298 298 298 893
    Air              0 0 0 0 0
    DowthermA   0 0 0 0 0
Total Flow (lbmol/hr) 15432 15432 15432 15432 46295
Total Flow (lb/hr) 331671 331671 331671 331681 995023
Total Flow (cuft/hr)      273998 208888 208889 208897 626674
Temperature (°F)          698.00 505.98 505.98 505.98 505.98
Pressure (psia)        639.70 639.70 639.70 639.70 639.70
Vapor Fraction        1.00 1.00 1.00 1.00 1.00
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Section 200: Hydrogenation 
C6H12O6 + H2 ➡ C6H14O6 
Hydrogenation reacts glucose with hydrogen gas and converts it to sorbitol. There are several 
ways to successfully convert glucose to sorbitol, in the presence of hydrogen and certain catalysts. 
Some combinations of catalysts, hydrogen pressures, and reactor temperature yield much better 
results in terms of overall conversion of glucose to sorbitol. Many of these variables were 
experimented with in search of the best results. 
Pre-Hydrogenation 
The hydrogenation process consists of a heat exchanger (HX-200), a splitter (SPT-200), 
twelve pumps (P-200, P-201, P-202, P-203, P-204, P-205, P-206, P-207, P-208, P-209, P-210, and 
P-211), and six trickle bed reactors (R-200, R-201, R-202, R-203, R-204, and R-205). HX-200 cools 
the streams to 100
0
C from the hydrolysis process before feeding them into the splitter, SPT-200 to 
create six identical streams. They are fed into the first six pumps (P-200, P-201, P-202, P-203, P-
204, and P-205) to get them flowing into the six trickle bed reactors (R-200, R-201, R-202, R-203, 
R-204, and R-205) and make up for the frictional losses in the pipes. Hydrogen created in the APR 
process is fed into the reactors as well.  
Catalyst 
           In typical glucose hydrogenation Ni used to be the preferred catalyst metal because of its high 
activity and low costs. Unfortunately Ni catalysts can leach and have their activity decreased rapidly 
and require possibly expensive separation processes to purify the product of the Ni particles. Ru 
catalysts however don’t suffer from the same drawbacks as Ni which makes it much more appealing 
as a commercial catalyst. The catalyst which yielded the best result for glucose hydrogenation was a 
Ru05Ai catalyst. 
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The Ru05Ai catalyst creation process would be prepared by the impregnation of Al2O3 with 
Ruthenium (III) Acetylacetonate. The Al2O3 is used as the support metal for the activation of the 
ruthenium. To begin the preparation of the catalyst 73 g Al2O3 is mixed with 150 ml of toluene and 
stirred for 15 minutes. Once the Al2O3/toluene slurry is prepared, 2.907 g Ruthenium (III) 
Acetylacetonate is dissolved in a separate 150 ml of toluene and this solution is added to the slurry. 
This new slurry is stirred for one hour while being swirled occasionally to homogenize it. The 
toluene is also left to evaporate at room temperature at this time. The catalyst is then heated in by a 
helium stream within four hours to 250°C and held at this temperature for two more hours. To 
reduce the catalyst it is heated to 350°C within one hour by a hydrogen stream and held at this 
temperature for threemore hours. However based on the cost of buying of the raw materials needed 
and additional labor costs needed for creating the catalyst it was found to be much cheaper to 
purchase a catalyst that is believed to be similar from a supplier. Catalyst deactivation was assumed 
to be seven years because of Ruthenium’s use as a precious metal. It was also assumed that the 
catalyst could be sold back to the supplier for half of the purchase price.  
Hydrogenation 
There are two possible ways to do a glucose hydrogenation, either discontinuously or 
continuously. The discontinuous process involves feeding an autoclave with the feedstock and 
pressurizing it to 3 bar with hydrogen followed by increasing the temperature to its reaction 
temperature and then finally pressurizing the hydrogen to its desired pressure. This process 
unfortunately would take too much time and the continuous process is preferred in practice. The 
continuous process involves a trickle bed reactor. A typical reaction condition for this is a 40-wt% 
glucose solution with a large of excess of hydrogen gas at about 80 bar fed into a reactor at 
approximately 353K. A conversion of 99.9% of the glucose fed with selectivity to sorbitol of 99.0% 
was reported. 
Castillo, Ernst, Lerch, Winchester 
42 
 
A trickle bed reactor is different from most conventional fixed bed reactors in that both the 
gas and liquid flow are pumped into the top of the reactor co-currently as opposed to having liquid 
flow downward and gas flow upward counter-currently. The hydrogenation reaction takes place at 
353K and 80 bar and converts 100% of the glucose into sorbitol. The products streams are then fed 
into the other six pumps (P-206, P-207, P-208, P-209, P-210, and P-211) to get them flowing into the 
aqueous phase reforming and condensation processes and make up for the frictional losses caused by 
the reactor and pipes. 
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Hydrogenation Stream Report (1 of 4)
CW-100 CW-101 S-119 S-200 S-201 S-202 S-203 S-204 S-205 S-206 S-207
Mass Flow (lb/hr)            
    Sorbitol 0 0 0 0 0 0 0 0 0 0 0
    Para-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Ortho-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Meta-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Methane              0 0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0 0 0 0
    N-Butane 0 0 0 0 0 0 0 0 0 0 0
    N-Pentane 0 0 0 0 0 0 0 0 0 0 0
    N-Hexane 0 0 0 0 0 0 0 0 0 0 0
    Carbon Dioxide               0 0 0 0 0 0 0 0 0 0 0
    Water     1284910 1284910 585662 97610 97610 97610 97610 97610 97610 97610 97610
    Hydrogen                 0 0 0 0 0 0 0 0 0 0 0
    Glucose 0 0 650747 108458 108458 108458 108458 108458 108458 108458 108458
    Oxygen 0 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 0 0 0 0 0 0 0 0 0
    Toluene 0 0 0 0 0 0 0 0 0 0 0
    Benzene 0 0 0 0 0 0 0 0 0 0 0
    Napthalene                 0 0 0 0 0 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    0 0 0 0 0 0 0 0 0 0 0
    Isopropylbenzene              0 0 0 0 0 0 0 0 0 0 0
    N-Heptane       0 0 0 0 0 0 0 0 0 0 0
    1-Butene 0 0 0 0 0 0 0 0 0 0 0
    1-Pentene 0 0 0 0 0 0 0 0 0 0 0
    1-Hexene 0 0 0 0 0 0 0 0 0 0 0
    1-Heptene  0 0 0 0 0 0 0 0 0 0 0
    Air              0 0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 71323 71323 36121 6020 6020 6020 6020 6020 6020 6020 6020
Total Flow (lb/hr) 1284910 1284910 1236410 206068 206068 206068 206068 206068 206068 206068 206068
Total Flow (cuft/hr)      20854 21196 17259 2809 2809 2809 2809 2809 2809 2809 2809
Temperature (°F)          90.00 119.17 214.16 175.73 175.73 175.73 175.73 175.73 175.73 175.73 175.73
Pressure (psia)        14.70 14.70 1181.70 1181.70 1181.70 1181.70 1181.70 1181.70 1181.70 1183.70 1183.70
Vapor Fraction        0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
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Hydrogenation Stream Report (2 of 4)
S-209 S-210 S-211 S-212 S-213 S-214 S-215 S-216 S-217 S-218 S-219
Mass Flow (lb/hr)            
    Sorbitol 0 0 0 109680 109680 109680 109680 109682 109680 109680 109680
    Para-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Ortho-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Meta-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Methane              0 0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0 0 0 0
    N-Butane 0 0 0 0 0 0 0 0 0 0 0
    N-Pentane 0 0 0 0 0 0 0 0 0 0 0
    N-Hexane 0 0 0 0 0 0 0 0 0 0 0
    Carbon Dioxide               0 0 0 0 0 0 0 0 0 0 0
    Water     97610 97610 97610 97616 97616 97616 97616 97617 97616 97616 97616
    Hydrogen                 0 0 0 0 0 0 0 0 0 0 0
    Glucose 108458 108458 108458 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 0 0 0 0 0 0 0 0 0
    Toluene 0 0 0 0 0 0 0 0 0 0 0
    Benzene 0 0 0 0 0 0 0 0 0 0 0
    Napthalene                 0 0 0 0 0 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    0 0 0 0 0 0 0 0 0 0 0
    Isopropylbenzene              0 0 0 0 0 0 0 0 0 0 0
    N-Heptane       0 0 0 0 0 0 0 0 0 0 0
    1-Butene 0 0 0 0 0 0 0 0 0 0 0
    1-Pentene 0 0 0 0 0 0 0 0 0 0 0
    1-Hexene 0 0 0 0 0 0 0 0 0 0 0
    1-Heptene  0 0 0 0 0 0 0 0 0 0 0
    Air              0 0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 6020 6020 6020 6021 6021 6021 6021 6021 6021 6021 6021
Total Flow (lb/hr) 206068 206068 206068 207296 207296 207296 207296 207299 207296 207296 207296
Total Flow (cuft/hr)      2809 2809 2809 2821 2821 2821 2821 2821 2821 2821 2821
Temperature (°F)          175.73 175.73 175.73 175.73 175.73 175.73 175.73 175.73 175.73 175.73 175.73
Pressure (psia)        1183.70 1183.70 1183.70 1160.30 1160.30 1160.30 1160.30 1160.30 1160.30 1162.30 1162.30
Vapor Fraction        0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
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Hydrogenation Stream Report (4 of 4)
S-220 S-221 S-222 S-223 S-224 S-225 S-226 S-316 S-317 S-318 S-319
Mass Flow (lb/hr)            
    Sorbitol 109680 109680 109682 109680 658083 658083 0 0 0 0 0
    Para-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Ortho-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Meta-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Methane              0 0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0 0 0 0
    N-Butane 0 0 0 0 0 0 0 0 0 0 0
    N-Pentane 0 0 0 0 0 0 0 0 0 0 0
    N-Hexane 0 0 0 0 0 0 0 0 0 0 0
    Carbon Dioxide               0 0 0 0 0 0 0 0 0 0 0
    Water     97616 97616 97617 97616 585695 585695 585662 0 0 0 0
    Hydrogen                 0 0 0 0 0 0 0 7369 1228 1228 1228
    Glucose 0 0 0 0 0 0 650747 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 0 0 0 0 0 0 0 0 0
    Toluene 0 0 0 0 0 0 0 0 0 0 0
    Benzene 0 0 0 0 0 0 0 0 0 0 0
    Napthalene                 0 0 0 0 0 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    0 0 0 0 0 0 0 0 0 0 0
    Isopropylbenzene              0 0 0 0 0 0 0 0 0 0 0
    N-Heptane       0 0 0 0 0 0 0 0 0 0 0
    1-Butene 0 0 0 0 0 0 0 0 0 0 0
    1-Pentene 0 0 0 0 0 0 0 0 0 0 0
    1-Hexene 0 0 0 0 0 0 0 0 0 0 0
    1-Heptene  0 0 0 0 0 0 0 0 0 0 0
    Air              0 0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 6021 6021 6021 6021 36123 36123 36121 3656 609 609 609
Total Flow (lb/hr) 207296 207296 207299 207296 1243780 1243780 1236410 7369 1228 1228 1228
Total Flow (cuft/hr)      2821 2821 2821 2821 16928 16938 16852 22167 3693 3693 3693
Temperature (°F)          175.73 175.73 175.73 175.73 175.74 176.80 175.73 175.73 175.73 175.73 175.73
Pressure (psia)        1162.30 1162.30 1162.30 1162.30 1160.30 741.70 1181.70 1164.30 1164.30 1164.30 1164.30
Vapor Fraction        0.00 0.00 0.00 0.00 0.00 0.00 0.00 1.00 1.00 1.00 1.00
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Hydrogenation Stream Report (4 of 4)
S-320 S-321 S-322
Mass Flow (lb/hr)    
    Sorbitol 0 0 0
    Para-Xylene               0 0 0
    Ortho-Xylene               0 0 0
    Meta-Xylene               0 0 0
    Methane              0 0 0
    Ethane 0 0 0
    Propane 0 0 0
    N-Butane 0 0 0
    N-Pentane 0 0 0
    N-Hexane 0 0 0
    Carbon Dioxide               0 0 0
    Water     0 0 0
    Hydrogen                 1228 1231 1228
    Glucose 0 0 0
    Oxygen 0 0 0
    Nitrogen                0 0 0
    Carbon Monoxide            0 0 0
    Sucrose 0 0 0
    Sodium Hydroxide 0 0 0
    Ethylbenzene 0 0 0
    Toluene 0 0 0
    Benzene 0 0 0
    Napthalene                 0 0 0
    1,2,4-Trimethylbenzene    0 0 0
    Isopropylbenzene              0 0 0
    N-Heptane       0 0 0
    1-Butene 0 0 0
    1-Pentene 0 0 0
    1-Hexene 0 0 0
    1-Heptene  0 0 0
    Air              0 0 0
    DowthermA   0 0 0
Total Flow (lbmol/hr) 609 610 609
Total Flow (lb/hr) 1228 1231 1228
Total Flow (cuft/hr)      3693 3702 3693
Temperature (°F)          175.73 175.73 175.73
Pressure (psia)        1164.30 1164.30 1164.30
Vapor Fraction        1.00 1.00 1.00
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Aqueous phase reforming (APR) is a novel technology for the catalytic conversion of 
oxygenated hydrocarbons into hydrogen, alkanes, and carbon dioxide (WO/2007075476-A2). It is a 
more sustainable alternative to fossil fuel reforming for processes that require an endogenous supply 
of hydrogen. In this process, APR can convert readily-available sugar alcohols into hydrogen, over a 
RhReCe catalyst, which is used to create sorbitol, a necessary intermediate in the production of para-
xylene.  
Although hydrogen is the goal output of this section, the light alkane by-products can be used 
to generate heat for other portions of the process. However, the data supplied in the patent detail 
conversion and output composition in lump sum “alkanes.” The relative breakdowns of alkanes in 
the final product is unknown. However, a sensitivity analysis of heats of combustion (Figure 2) 
showed that the actual composition of C1-C6 alkanes made little differential impact on the overall 
energy output (Pittam, 1972; SI Chemical Data Book).  
Figure 2 
 
Therefore, propane, which has a middling heat of combustion, was chosen as the sole alkane 
for all ASPEN calculations in this portion of the analysis. 
The aqueous phase reforming process utilizes four heat exchangers (HX-300, HX-301, HX-
302, and HX-303), three pumps (P-300, P-301, and P-302), two valves (VAL-300 and VAL 301), 
two flash separators (F-300 and F-301), a mixer (MIX-300), a pressure swing adsorption separator 
(SEP-300), a compressor (CMP-300) and a fixed bed reactor (R-300).  
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Catalyst 
The catalyst presentation in the patent was presented independent of the operating conditions 
discussion. The most optimal conditions range from 150-300°C and from 10-50 bar. 182°C and 50 
bar were selected as the duty-minimizing conditions, over which the specified conversions were 
assumed to apply. This is certainly a questionable assumption, but there was no other basis for 
condition selection available. The catalyst was made by adding 3.86g of Rhodium(III) Nitrate, 1.64g 
of Perrhenic acid, and 2.21g of Cerium(III) Nitrate hexahydrate to 12 ml of deionized water in the 
presence of titania modified carbon and dried overnight under a vacuum at 100°C. The titania 
modified carbon was created by adding 1.95g of Titanium n-butoxide to 12 ml of anhydrous 
isopropanol in the presence of 10g of activated carbon. However due to the high costs of 
Rhodium(III) Nitrate it was assumed that the metals were purchased at market price and could be 
sold back to the supplier after deactivation for half the purchase price to be regenerated. It was also 
assumed that because rhodium is a precious metal the deactivation would take place over 5 years. 
Aqueous Phase Reforming 
The patented technology (Cortright 2007) - assumed to be available for use in this plant - 
presents a range of operating conditions, inputs, and catalysts. Since sorbitol is a key component of 
the process, Example 31 from Table 7 was chosen for the design, as it maximizes hydrogen from a 
sorbitol input. Specifically, this embodiment converts a 50 wt% aqueous sorbitol solution to a gas 
that is 57 mol% hydrogen over a RhReCe catalyst in the presence of NaOH. Note that the patent is 
extraordinarily difficult to interpret, as the molar percentage of alkanes is uninterpretable on a mass 
basis, since the breakdown of alkanes is unknown. To overcome this, Excel solver was used to 
backout the actual yields for the process via a mole balance. The fixed bed reactor, R-300, is used to 
generate hydrogen, alkanes, and carbon dioxide from sorbitol. 
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Heat Exchange and Recovery 
 The first heat exchanger, HX-300, is used to cool the carbon dioxide, water, hydrogen and 
alkane stream from F-300 while simultaneously heating the new and recycled sorbitol mix stream 
from MIX-300. The second heat exchanger, HX-301, is used to heat the inlet sorbitol stream, fed to 
R-300, to 182°C, the reaction temperature by using the heat generated from the furnace. The third 
heat exchanger, HX-302, is used to cool the hydrogen stream coming from HX-400 to 353K the 
reaction temperature of the hydrogenation reaction. The fourth heat exchanger, HX-303, is used to 
cool the hydrogen, carbon dioxide, and alkane stream from HX-300 and is fed into F-301. 
Pressurization and Depressurization 
The first pump, P-300, is used to pump the new and recycled sorbitol mix stream from HX-
300 to HX-301 and make up for any frictional losses.The second pump, P-301,  is used to pump the 
recycled sorbitol from F-300 into MIX-300 and to make up for frictional losses. The third pump, P-
302, is used to pump the new and recycled sorbitol mix from MIX-300 to HX-300 and to combat the 
frictional losses. The first valve, VAL-300, is used to decrease the pressure of the product stream 
mixed with the recyclable sorbitol from R-300. The second valve, VAL-301, is used to decrease the 
pressure of the hydrogen, carbon dioxide, water, and alkane stream from F-300. The compressor, 
CMP-300, is used to compress the hydrogen separated in SEP-300 to 80 bar to be fed to the 
hydrogenation process.  
Separations 
To recover hydrogen from the aqueous phase reforming reactor, the vapor product is 
separated using pressure swing adsorption (PSA).  Hydrogen, carbon dioxide, water, and various 
light alkanes are flowed across several adsorption columns at 20 bar.  The zeolites in the columns 
adsorb the polar components and carbon dioxide, while the hydrogen exits the column.  Once the 
column becomes saturated, the outlet valve is shut off and a vacuum is pulled on the column, 
causing the polar components and carbon dioxide to desorb from the adsorbent and regenerate the 
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column.  Once the column is regenerated, the cycle is repeated.  Multiple adsorption columns are 
necessary to make optimal use of the compressor and vacuum, ensuring that at least one column is 
being fed vapor at any moment.  
The first flash separator, F-300, is used to separate sorbitol from R-300 products so the 
sorbitol can be recycled. The second flash separator is used to separate water from the carbon 
dioxide, hydrogen, and alkane stream that is going to be fed in SEP-300.  
To recover hydrogen from the aqueous phase reforming reactor, the vapor product is 
separated using pressure swing adsorption (PSA).  Hydrogen, carbon dioxide, water, and various 
light alkanes are flowed across several adsorption columns at 20 bar.  The 13x zeolite in the columns 
adsorb the polar components, alkanes, and carbon dioxide, while the hydrogen exits the column, 
unadsorbed.  Once the column nears saturation, or the exit concentration of hydrogen falls below a 
desired point, the inlet and outlet valves are shut off and a small amount of product purity hydrogen 
is sent through the column, causing the polar components, alkanes, and carbon dioxide to desorb 
from the adsorbent and regenerate the column.  Once the column is regenerated, the cycle is 
repeated.  Multiple adsorption columns are necessary to make optimal use of the compressor and 
inlet streams, ensuring that at least one column is being fed gas at any point, preventing the need for 
a storage tank before the PSA. 
Because pressure swing adsorption is a batch process, it was left out of the ASPEN 
simulation.  On the block diagram for APR, it is represented by SEP-300.  A storage tank is used to 
collect excess hydrogen from the adsorption columns so that downstream of the storage tank, the 
hydrogen appears to come from a continuous source. 
Four columns are used for the PSA system in order to make the system as flexible as 
possible.  Since some assumptions had to be made, it was decided to make a conservative estimate of 
the breakthrough time for each adsorber.  Each adsorber will have gas flowed through it for 12 
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minutes, and then be desorbed at atmospheric pressure for 6 minutes.  The adsorbers will start 
running at 0, 4, 8, and 12 minutes so that at any given moment three of the four adsorbers will be 
adsorbing gas, while one adsorber is being regenerated.  This ensures the lowest flowrate possible 
through the adsorbers, which increases the amount of unwanted gases that adsorb to the zeolite, 
increasing the recovery of hydrogen. This schedule is summarized in Figure 3 (Cavenati, 2004). 
 
Figure 3 
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APR Stream Report (1 of 4)
CW-300 CW-301 CW-304 CW-305 S-225 S-300 S-301 S-302 S-303 S-304 S-305
Mass Flow (lb/hr)
    Sorbitol 0 0 0 0 658083 131617 174447 174447 174447 174447 174447
    Para-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Ortho-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Meta-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Methane              0 0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 13 13 13 13 13
    N-Butane 0 0 0 0 0 0 0 0 0 0 0
    N-Pentane 0 0 0 0 0 0 0 0 0 0 0
    N-Hexane 0 0 0 0 0 0 0 0 0 0 0
    Carbon Dioxide               0 0 0 0 0 0 89 89 89 89 89
    Water     60786 60786 1395680 1395680 585695 117139 162433 162433 162433 162433 162433
    Hydrogen                 0 0 0 0 0 0 1 1 1 1 1
    Glucose 0 0 0 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 0 0 0 0 0 0 0 0 0
    Toluene 0 0 0 0 0 0 0 0 0 0 0
    Benzene 0 0 0 0 0 0 0 0 0 0 0
    Napthalene                 0 0 0 0 0 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    0 0 0 0 0 0 0 0 0 0 0
    Isopropylbenzene              0 0 0 0 0 0 0 0 0 0 0
    N-Heptane       0 0 0 0 0 0 0 0 0 0 0
    1-Butene 0 0 0 0 0 0 0 0 0 0 0
    1-Pentene 0 0 0 0 0 0 0 0 0 0 0
    1-Hexene 0 0 0 0 0 0 0 0 0 0 0
    1-Heptene  0 0 0 0 0 0 0 0 0 0 0
    Air              0 0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 3374 3374 77472 77472 36123 7225 9977 9977 9977 9977 9977
Total Flow (lb/hr) 60786 60786 1395680 1395680 1243780 248756 336982 336982 336982 336982 336982
Total Flow (cuft/hr)      987 1004 22057 23040 16938 3388 4751 4751 4825 4825 5173
Temperature (°F)          90.00 120.67 40.00 120.50 176.80 176.80 227.58 227.59 253.57 253.59 359.60
Pressure (psia)        14.70 14.70 14.70 14.70 741.70 741.70 292.08 297.08 297.08 304.08 725.19
Vapor Fraction        0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
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APR Stream Report (2 of 4)
S-306 S-307 S-308 S-309 S-310 S-311 S-312 S-313 S-314 S-315 S-316
Mass Flow (lb/hr)
    Sorbitol 42830 42830 42830 42830 0 0 0 0 0 0 0
    Para-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Ortho-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Meta-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Methane              0 0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0 0
    Propane 27996 27996 13 13 27983 27983 27983 27983 0 0 0
    N-Butane 0 0 0 0 0 0 0 0 0 0 0
    N-Pentane 0 0 0 0 0 0 0 0 0 0 0
    N-Hexane 0 0 0 0 0 0 0 0 0 0 0
    Carbon Dioxide               93122 93122 89 89 93033 93033 93033 93032 0 0 0
    Water     165664 165664 45294 45294 120370 120370 120370 24372 0 0 0
    Hydrogen                 7370 7370 1 1 7369 7369 7369 0 7369 7369 7369
    Glucose 0 0 0 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 0 0 0 0 0 0 0 0 0
    Toluene 0 0 0 0 0 0 0 0 0 0 0
    Benzene 0 0 0 0 0 0 0 0 0 0 0
    Napthalene                 0 0 0 0 0 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    0 0 0 0 0 0 0 0 0 0 0
    Isopropylbenzene              0 0 0 0 0 0 0 0 0 0 0
    N-Heptane       0 0 0 0 0 0 0 0 0 0 0
    1-Butene 0 0 0 0 0 0 0 0 0 0 0
    1-Pentene 0 0 0 0 0 0 0 0 0 0 0
    1-Hexene 0 0 0 0 0 0 0 0 0 0 0
    1-Heptene  0 0 0 0 0 0 0 0 0 0 0
    Air              0 0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 15838 15838 2752 2752 13086 13086 13086 4101 3656 3656 3656
Total Flow (lb/hr) 336982 336982 88227 88227 248756 248756 248756 145387 7369 7369 7369
Total Flow (cuft/hr)      101208 253325 1380 1380 382110 6320480 5800240 1450210 55020 24831 22167
Temperature (°F)          359.60 314.62 359.60 359.61 359.60 338.74 273.58 140.00 1150.00 254.16 175.73
Pressure (psia)        725.19 292.08 290.08 292.08 290.08 17.70 17.70 14.70 1164.30 1164.30 1164.30
Vapor Fraction        0.53 0.57 0.00 0.00 1.00 1.00 1.00 0.81 1.00 1.00 1.00
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APR Stream Report (3 of 4)
S-317 S-318 S-319 S-320 S-321 S-322 S-323 S-324 S-325 S-326 S-400
Mass Flow (lb/hr)
    Sorbitol 0 0 0 0 0 0 0 0 0 0 526467
    Para-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Ortho-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Meta-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Methane              0 0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 27983 0 0 27983 0
    N-Butane 0 0 0 0 0 0 0 0 0 0 0
    N-Pentane 0 0 0 0 0 0 0 0 0 0 0
    N-Hexane 0 0 0 0 0 0 0 0 0 0 0
    Carbon Dioxide               0 0 0 0 0 0 93032 1 0 93033 0
    Water     0 0 0 0 0 0 24372 95998 0 120370 468556
    Hydrogen                 1228 1228 1228 1228 1231 1228 7369 0 7369 7369 0
    Glucose 0 0 0 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 0 0 0 0 0 0 0 0 0
    Toluene 0 0 0 0 0 0 0 0 0 0 0
    Benzene 0 0 0 0 0 0 0 0 0 0 0
    Napthalene                 0 0 0 0 0 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    0 0 0 0 0 0 0 0 0 0 0
    Isopropylbenzene              0 0 0 0 0 0 0 0 0 0 0
    N-Heptane       0 0 0 0 0 0 0 0 0 0 0
    1-Butene 0 0 0 0 0 0 0 0 0 0 0
    1-Pentene 0 0 0 0 0 0 0 0 0 0 0
    1-Hexene 0 0 0 0 0 0 0 0 0 0 0
    1-Heptene  0 0 0 0 0 0 0 0 0 0 0
    Air              0 0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 609 609 609 609 610 609 7757 5329 3656 13086 28899
Total Flow (lb/hr) 1228 1228 1228 1228 1231 1228 152756 96000 7369 248756 995023
Total Flow (cuft/hr)      3693 3693 3693 3693 3702 3693 3390850 1603 1601510 2720670 13550
Temperature (°F)          175.73 175.73 175.73 175.73 175.73 175.73 140.00 140.00 140.00 140.00 176.80
Pressure (psia)        1164.30 1164.30 1164.30 1164.30 1164.30 1164.30 14.70 14.70 14.70 17.70 741.70
Vapor Fraction        1.00 1.00 1.00 1.00 1.00 1.00 1.00 0.00 1.00 0.57 0.00
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APR Stream Report (4 of 4)
S-401 S-402
Mass Flow (lb/hr)
    Sorbitol 526467 526467
    Para-Xylene               0 0
    Ortho-Xylene               0 0
    Meta-Xylene               0 0
    Methane              0 0
    Ethane 0 0
    Propane 0 0
    N-Butane 0 0
    N-Pentane 0 0
    N-Hexane 0 0
    Carbon Dioxide               0 0
    Water     468556 468556
    Hydrogen                 0 0
    Glucose 0 0
    Oxygen 0 0
    Nitrogen                0 0
    Carbon Monoxide            0 0
    Sucrose 0 0
    Sodium Hydroxide 0 0
    Ethylbenzene 0 0
    Toluene 0 0
    Benzene 0 0
    Napthalene                 0 0
    1,2,4-Trimethylbenzene    0 0
    Isopropylbenzene              0 0
    N-Heptane       0 0
    1-Butene 0 0
    1-Pentene 0 0
    1-Hexene 0 0
    1-Heptene  0 0
    Air              0 0
    DowthermA   0 0
Total Flow (lbmol/hr) 28899 28899
Total Flow (lb/hr) 995023 995023
Total Flow (cuft/hr)      13552 13757
Temperature (°F)          176.99 204.16
Pressure (psia)        667.70 667.70
Vapor Fraction        0.00 0.00
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Section 400: Condensation 
The condensation reaction converts sorbitol produced during hydrolysis and hydrogenation 
into water and a mixture of alkane and aromatic products that includes the final product, para-
xylene. In the reactor, water and hydrogen vapor are driven off during the formation of the new 
carbon-carbon bonds present in the final product. In theory, any sugar alcohol or other “oxygenated 
hydrocarbon” can be used; in particular, US patent 2008/0300435 A1 contained one example with an 
acetone feed over gallium-loaded catalyst which converts nearly 80% of carbon in the feed into 
aromatics. However, the current design relies on a feed containing 50% sorbitol by mass in order to 
maintain comparability with other examples in the literature; consequently, the process only 
achieves a single pass yield of 48.4% aromatics. Other patents, such as US Patent 6372680, report 
less specific but similar results. 
Catalyst 
An activated zeolite or aluminosilicate catalyst, normally pentasil (more commonly called 
ZSM-5), facilitates the reaction. Zeolites have a porous structure that can accommodate a wide 
variety of cations. The cations are loosely held and exchange easily with cations in the contacted 
solution. Similar catalysts are used in the aqueous phase reforming and transalkylation portions of 
this process, and information on their manufacture and properties can be found in US patent 
2008/0300435 A1. For the condensation of sorbitol to produce para-xylene, ZSM-5, with a thirty-to-
one silicon dioxide to aluminum oxide ratio, is treated with a gallium nitrate solution, dried 
overnight in a vacuum oven, and subsequently calcined in flowing air at 400 degrees Celsius to 
effect 1.2% loading by weight of gallium (Example 46 in the patent). The prior cost-benefit analysis 
favors purchasing the catalyst from an external supplier to manufacturing the catalyst in-house. 
Pre-Heating and Depressurization 
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 The condensation section of the process begins with a valve, VAL-400), which releases the 
excess pressure generated during the aqueous phase reforming in order to establish conditions 
suitable for condensation. The outlet pressure is specified at 653 psig, which results in a 74 psig 
pressure drop across the valve. 
Between the valve and reactor is a series of four heat exchangers (HX-400, HX-402, HX-
403, HX-404), each followed by a small pump (P-400, P-401, P-402, P-403) that restores pressure 
lost to friction with a 2 psi pressure increase (industry heuristic). The heat exchangers then transfer 
heat from the hydrogen APR product, the pre-crystallization para-xylene stream, the transalkylation 
product, and the hot Dowtherm A stream to the condensation feed, respectively. Each exchanger 
conservatively assumes an overall heat transfer coefficient, U, of 50 BTU per hr-ft2-Rankine 
(Product and Process Design Principles; hereafter, PPDP) and allows for a conservative minimum 
temperature approach of 20 degrees Fahrenheit. The first exchanger (HX-400) is specified such that 
outlet temperatures approach to within 50 degrees Fahrenheit; this maximizes heat transfer while 
abiding by industry heuristics for streams above 300 degrees Fahrenheit. The second exchanger 
brings the pre-crystallization xylene stream and condensation feed to within 20 degrees Fahrenheit; 
this maximizes heat transfer while abiding by industry heuristics for streams under 300 degrees 
Fahrenheit. The third exchanger brings the transalkylation product and feed to within 50 degrees 
Fahrenheit; again, this maximizes heat transfer subject to heuristic-based constraints on the 
minimum allowable temperature approach. The fourth exchanger provides the final requisite heat to 
the condensation feed while cooling the refrigerant, Dowtherm A; this serves the simultaneous 
purpose of cooling the Dowtherm A in the refrigeration cycle used to cool the xylene stream for 
crystallization. See Figure 4 for a summary. 
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Figure 4 
 
Condensation 
 The feed is then split into four equal streams using a conventional splitter (Spt-401) and fed 
into four identical condensation reactors; a single reactor would be prohibitively large. Specifically, 
the splitter takes a 995,000 lb/hr aqueous feed of 50% sorbitol (by mass) at 698 degrees Fahrenheit 
and 642 psia and splits it into four 249,000 lb/hr streams of the same composition, temperature, and 
pressure. Each reactor (R-400, R-401, R-402, and R-403) is an identical packed bed reactor, 
operated at 625 psig and 370 degrees Celsius, as specified in example 55 (PP) of US patent 
2008/0300435 A1, and catalyzed by the catalyst prescribed in example 46 of the same. Each 
processes a 249,000 lb/hr feed stream of 50% sorbitol (by mass) in water. In ASPEN, the reactors 
were modeled using identical RYIELD blocks. Based on the information in Table 13 (pg. 37) and 
Figure 17, which offered mass fractions in the organic stream for generalized product categories 
(e.g. C5+ olefins), the following mass fractions were assumed for each representative species 
identified in Figure 5 below. Although some error is expected when manually interpreting figures, 
these estimates yielded an overall mass fraction of unity with very little post-measurement 
manipulation. Yields for the RYIELD blocks were then calculated for a pure sorbitol stream, then 
adjusted to account for the 50% water by mass in the feed, as illustrated in Figure 5. 
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Figure 5 
 
Post-Condensation Cooling and Heat Recovery 
 After reacting, a mixer (MIX-400) takes each 249,000 lb/hr para-xylene-containing product 
stream at 698 degrees Fahrenheit and 640 psia, present entirely in the vapor phase, and combines 
them into a single 995,000 lb/hr stream at the same composition and conditions. A splitter (SPT-400) 
then splits this combined product stream into three 332,000 lb/hr streams for at the same 
composition and conditions; this provides three streams which can preheat the feed to each of the 
three Hydrolysis reactors.  
Each of the three identical 332,000 lb/hr product streams, still hot, is then fed through one of 
three pre-hydrolysis heat exchangers (HX-100, HX-101, HX-102); these exchangers each cool an 
effluent stream while pre-heating a feed to one of three hydrolysis reactors. Each exchanger 
conservatively assumes an overall heat transfer coefficient, U, of 50 BTU per hr-ft2-Rankine 
(industry heuristic) and a minimum temperature approach of 20 degrees Fahrenheit. With these 
parameters, each exchanger then specified a cold stream outlet temperature of 212 degrees 
Fahrenheit, the desired temperature for hydrolysis. The partially-cooled reactor effluents exit each 
exchanger at 506 degrees Fahrenheit, well above the temperature desired for distillation. All three 
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streams are then combined by a mixer (MIX-401) for further phase and temperature changes prior to 
distillation. 
The combined partially-cooled condensation product, flowing at 995,000 lb/hr, then passes 
through a valve (VAL-401) which vents the stream to a specified pressure of 1.5 psig. This pressure 
causes the condensation product to reach distillation at approximately atmospheric pressure. This 
pressure is cheap and easy to achieve; in addition, major components in the effluent can be isolated 
with high recoveries, and these distillations can all use cooling water to serve the condenser duties. 
The effluent then passes through a final heat exchanger (HX-401), which uses cooling water to cool 
the effluent to 50 degrees Celsius in anticipation of 3-phase separation. In accordance with industry 
standard, the heater specifies that cooling water that enters at 90 degrees Fahrenheit exit at 120. The 
flow rate of cooling water was then adjusted to 60,000 gallons per minute in order to achieve the 
desired hot-stream outlet temperature. 
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Condensation Stream Report (1 of 3)
S-400 S-401 S-402 S-403 S-404 S-405 S-406 S-407 S-408 S-409 S-410
Mass Flow (lb/hr)            
    Sorbitol 526467 526467 526467 526467 526467 526467 526467 526467 131617 131617 131617
    Para-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Ortho-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Meta-Xylene               0 0 0 0 0 0 0 0 0 0 0
    Methane              0 0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0 0 0 0
    N-Butane 0 0 0 0 0 0 0 0 0 0 0
    N-Pentane 0 0 0 0 0 0 0 0 0 0 0
    N-Hexane 0 0 0 0 0 0 0 0 0 0 0
    Carbon Dioxide               0 0 0 0 0 0 0 0 0 0 0
    Water     468556 468556 468556 468556 468556 468556 468556 468556 117139 117139 117139
    Hydrogen                 0 0 0 0 0 0 0 0 0 0 0
    Glucose 0 0 0 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 0 0 0 0 0 0 0 0 0
    Toluene 0 0 0 0 0 0 0 0 0 0 0
    Benzene 0 0 0 0 0 0 0 0 0 0 0
    Napthalene                 0 0 0 0 0 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    0 0 0 0 0 0 0 0 0 0 0
    Isopropylbenzene              0 0 0 0 0 0 0 0 0 0 0
    N-Heptane       0 0 0 0 0 0 0 0 0 0 0
    1-Butene 0 0 0 0 0 0 0 0 0 0 0
    1-Pentene 0 0 0 0 0 0 0 0 0 0 0
    1-Hexene 0 0 0 0 0 0 0 0 0 0 0
    1-Heptene  0 0 0 0 0 0 0 0 0 0 0
    Air              0 0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 28899 28899 28899 28899 28899 28899 28899 28899 7225 7225 7225
Total Flow (lb/hr) 995023 995023 995023 995023 995023 995023 995023 995023 248756 248756 248756
Total Flow (cuft/hr)      13550 13552 13757 13758 14561 14561 22455 22458 5614 5614 5614
Temperature (°F)          176.80 176.99 204.16 204.16 298.62 298.62 698.10 698.15 698.15 698.15 698.15
Pressure (psia)        741.70 667.70 667.70 669.70 669.70 671.70 639.70 641.70 641.70 641.70 641.70
Vapor Fraction        0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
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Condensation Stream Report (2 of 3)
S-411 S-412 S-413 S-414 S-415 S-416 S-417 S-418 S-419 S-420 S-421
Mass Flow (lb/hr)            
    Sorbitol 131617 0 0 0 0 0 0 0 0 0 0
    Para-Xylene               0 10284 10284 10284 10284 41138 13712 13713 13712 13712 13712
    Ortho-Xylene               0 191 191 191 191 763 254 254 254 254 254
    Meta-Xylene               0 21 21 21 21 85 28 28 28 28 28
    Methane              0 0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0 0 0 0
    N-Butane 0 1515 1515 1515 1515 6059 2020 2020 2020 2020 2020
    N-Pentane 0 5806 5806 5806 5806 23225 7741 7742 7741 7741 7741
    N-Hexane 0 8078 8078 8078 8078 32312 10771 10771 10771 10771 10771
    Carbon Dioxide               0 0 0 0 0 0 0 0 0 0 0
    Water     117139 198222 198222 198222 198222 792890 264294 264302 264294 264294 264294
    Hydrogen                 0 97 97 97 97 389 130 130 130 130 130
    Glucose 0 0 0 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 106 106 106 106 424 141 141 141 141 141
    Toluene 0 2272 2272 2272 2272 9087 3029 3029 3029 3029 3029
    Benzene 0 505 505 505 505 2019 673 673 673 673 673
    Napthalene                 0 5049 5049 5049 5049 20195 6732 6732 6732 6732 6732
    1,2,4-Trimethylbenzene    0 5049 5049 5049 5049 20195 6732 6732 6732 6732 6732
    Isopropylbenzene              0 7573 7573 7573 7573 30293 10098 10098 10098 10098 10098
    N-Heptane       0 1767 1767 1767 1767 7068 2356 2356 2356 2356 2356
    1-Butene 0 243 243 243 243 972 324 324 324 324 324
    1-Pentene 0 733 733 733 733 2934 978 978 978 978 978
    1-Hexene 0 1020 1020 1020 1020 4081 1360 1361 1360 1360 1360
    1-Heptene  0 223 223 223 223 893 298 298 298 298 298
    Air              0 0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 7225 11574 11574 11574 11574 46295 15432 15432 15432 15432 15432
Total Flow (lb/hr) 248756 248756 248756 248756 248756 995023 331671 331681 331671 331671 331671
Total Flow (cuft/hr)      5614 205500 205500 205500 205500 822002 273998 274006 273998 208888 208889
Temperature (°F)          698.15 698.00 698.00 698.00 698.00 698.00 698.00 698.00 698.00 505.98 505.98
Pressure (psia)        641.70 639.70 639.70 639.70 639.70 639.70 639.70 639.70 639.70 639.70 639.70
Vapor Fraction        0.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00
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Condensation Stream Report (3 of 3)
S-422 S-425 S-426 S-507 S-520 S-601 S-602 S-603
Mass Flow (lb/hr)         
    Sorbitol 0 0 526467 0 0 0 0 0
    Para-Xylene               13713 41138 0 53820 53820 18807 18807 18807
    Ortho-Xylene               254 763 0 3249 3249 2739 2739 2739
    Meta-Xylene               28 85 0 5089 5089 5478 5478 5478
    Methane              0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0
    N-Butane 2020 6059 0 0 0 2595 2595 2595
    N-Pentane 7742 23225 0 0 0 15976 15976 15976
    N-Hexane 10771 32312 0 0 0 0 0 0
    Carbon Dioxide               0 0 0 0 0 0 0 0
    Water     264302 792890 468556 0 0 0 0 0
    Hydrogen                 130 389 0 0 0 0 0 0
    Glucose 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0
    Ethylbenzene 141 424 0 835 835 548 548 548
    Toluene 3029 9087 0 2374 2374 135120 135120 135120
    Benzene 673 2019 0 0 0 19903 19903 19903
    Napthalene                 6732 20195 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    6732 20195 0 133 133 0 0 0
    Isopropylbenzene              10098 30293 0 13174 13174 0 0 0
    N-Heptane       2356 7068 0 0 0 0 0 0
    1-Butene 324 972 0 0 0 384 384 384
    1-Pentene 978 2934 0 0 0 1919 1919 1919
    1-Hexene 1361 4081 0 0 0 0 0 0
    1-Heptene  298 893 0 0 0 0 0 0
    Air              0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 15432 46295 28899 730 730 2281 2281 2281
Total Flow (lb/hr) 331681 995023 995023 78674 78674 203468 203468 203468
Total Flow (cuft/hr)      208897 937806 13777 1669 1603 185115 4867 4203
Temperature (°F)          505.98 122.00 206.67 282.70 226.67 850.00 348.63 182.00
Pressure (psia)        639.70 16.20 669.70 14.70 14.70 164.70 164.70 164.70
Vapor Fraction        1.00 0.05 0.00 0.00 0.00 1.00 0.00 0.00
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Section 500: Separations 
Distillation Columns 
 The separation scheme has four columns, DC-500, DC-501, DC-502, and DC-503. DC-500 
and DC-501 follow the condensation, while DC-502 and DC-503 follow the transalkylation. DC-500 
is a 30-tray separation between toluene and para-xylene. It’s fed with a combination of effluent from 
the condensation reactor and a recycled stream of additional para-xylene and leftover toluene from 
DC-502 in the post-transalkylation separation. The distillate feeds the transalkylation reactor, while 
the bottoms product is sent to DC-501 for further separation. DC-501 then separates the xylene 
isomers, now the lightest components, from the other heavy components. The xylenes are sent for 
crystallization to isolate the para- isomer, and the heavy components are sent to the furnace to offset 
utilities. DC-502 follows the transalkylation, and separates benzene and lighter components from the 
heavier toluene and xylenes to be sent back DC-500. The distillate from DC-502 is then fed to DC-
503, which separates lighter hydrocarbon side products, which can be burned to offset utilities, from 
valuable benzene, which can be sold for additional revenue. This scheme separates valuable 
components using the lowest possible number of distillation columns. 
 Columns were designed by modifying a McCabe-Thiele analysis. The McCabe-Thiele 
diagrams in Appendix B were generated by ignoring the presence of species that were neither the 
light nor heavy key. The columns were initially modeled after these diagrams. If ASPEN indicated a 
tendency for trays to dry out, the reflux ratio was increased in increments of 1 until the simulation 
successfully converged. Then, the distillate to feed ratio was adjusted to maximize light key recovery 
and minimize heavy key recovery. After achieving the desired separation, the idealized profile was 
translated into a more realistic set of trays and non-unity efficiencies using the O’Connell 
correlation. These calculations can be found in Appendix B. In all cases, these “real” columns 
performed separations that were nearly identical to their ideal counterparts. 
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Crystallization 
Crystallization is often used when para-xylene is mixed with other xylenes and ethylbenzene, 
but it can also be used for our scenario where there is a significant proportion of isopropylbenzene 
and toluene.  As the freezing point of isopropylbenzene and toluene are considerably lower than 
meta-xylene and ortho-xylene (see Figure 6), it can be assumed that crystallization will work just as 
well, if not better at -30 °C, for a system including isopropylbenzene and toluene. 
The xylenes product from the distillation columns is fed to a scraped surface crystallizer 
(SSC) with a cooling jacket.  The SSC cools the solution of para-xylene, meta-xylene, ortho-xylene, 
isopropylbenzene, toluene, ethylbenzene and other aromatics to -30 °C which causes pure para-
xylene crystals to form on the surface of the crystallizer.  The scrapers, which rotate at 12 rpm, free 
the crystals and allow them to be fed into a washing column as a suspension in the mother liquor. 
The washing column consists of a piston with a filter attached to its face and a scraper at the bottom 
of the column.  Washing takes place in four steps.  In the first step, the piston is lifted to allow the 
crystal suspension to fill the column.  The inlet is then shut off and an outlet above the piston is 
opened and the piston is forced downward, causing the mother liquor to flow through the filter on 
the piston.  In the third step product purity para-xylene is fed through the bottom of the column, 
washing the crystals.  For the final step the scraper is rotated as the piston continues to push 
downwards, grinding the crystals into smaller fragments that are carried through the bottom of the 
column and melt into the para-xylene product.  
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Figure 6 
Compound Normal Boiling Point (°C) Freezing Point (°C) 
Para-Xylene 138 13 
Meta-Xylene 139 -48 
Ortho-Xylene 144 -25.2 
Ethylbenzene 136 -95 
Isopropylbenzene 152 -96 
Toluene 111 -95 
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Separation Stream Report (1 of 2)
CW-400 CW-401 S-423 S-424 S-425 S-500 S-501 S-502 S-503 S-504 S-505
Mass Flow (lb/hr)            
    Sorbitol 0 0 0 0 0 0 0 0 0 0 0
    Para-Xylene               0 0 41138 41138 41138 492 40646 0 40646 59451 53936
    Ortho-Xylene               0 0 763 763 763 8 756 0 756 3495 3365
    Meta-Xylene               0 0 85 85 85 1 84 0 84 5561 5103
    Methane              0 0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0 0 0 0
    N-Butane 0 0 6059 6059 6059 3464 2595 0 2595 2595 0
    N-Pentane 0 0 23225 23225 23225 7254 15971 0 15971 15976 0
    N-Hexane 0 0 32312 32312 32312 4472 27840 0 27840 27840 0
    Carbon Dioxide               0 0 0 0 0 0 0 0 0 0 0
    Water     29651800 29651800 792890 792890 792890 978 1697 790215 1697 1697 0
    Hydrogen                 0 0 389 389 389 388 1 0 1 1 0
    Glucose 0 0 0 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 424 424 424 6 418 0 418 966 836
    Toluene 0 0 9087 9087 9087 295 8792 0 8792 135420 2374
    Benzene 0 0 2019 2019 2019 200 1819 0 1819 2479 0
    Napthalene                 0 0 20195 20195 20195 16 20179 0 20179 20179 20179
    1,2,4-Trimethylbenzene    0 0 20195 20195 20195 69 20126 0 20126 20126 20113
    Isopropylbenzene              0 0 30293 30293 30293 222 30071 0 30071 30071 29739
    N-Heptane       0 0 7068 7068 7068 391 6677 0 6677 6677 0
    1-Butene 0 0 972 972 972 589 384 0 384 384 0
    1-Pentene 0 0 2934 2934 2934 1016 1918 0 1918 1919 0
    1-Hexene 0 0 4081 4081 4081 642 3440 0 3440 3440 0
    1-Heptene  0 0 893 893 893 55 838 0 838 838 0
    Air              0 0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 1645920 1645920 46295 46295 46295 509 1922 43864 1922 3565 1194
Total Flow (lb/hr) 29651800 29651800 995023 995023 995023 20555 184252 790215 184252 339113 135645
Total Flow (cuft/hr)      481250 489452 626674 26662000 937806 213811 3797 13056 3797 6988 2814
Temperature (°F)          90.00 120.33 505.98 413.88 122.00 122.00 122.00 122.00 122.01 174.18 300.53
Pressure (psia)        16.20 16.20 639.70 16.20 16.20 14.70 14.70 14.70 16.70 16.70 14.70
Vapor Fraction        0.00 0.00 1.00 1.00 0.05 1.00 0.00 0.00 0.00 0.00 0.00
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Separation Stream Report (2 of 2)
S-506 S-507 S-508 S-510 S-511 S-512 S-514
Mass Flow (lb/hr)        
    Sorbitol 0 0 0 0 0 0 0
    Para-Xylene               53936 53820 53820 50322 116 5515 18805
    Ortho-Xylene               3365 3249 3249 0 115 130 2739
    Meta-Xylene               5103 5089 5089 0 15 458 5477
    Methane              0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0
    N-Butane 0 0 0 0 0 2595 0
    N-Pentane 0 0 0 0 0 15976 5
    N-Hexane 0 0 0 0 0 27840 0
    Carbon Dioxide               0 0 0 0 0 0 0
    Water     0 0 0 0 0 1697 0
    Hydrogen                 0 0 0 0 0 1 0
    Glucose 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0
    Ethylbenzene 836 835 835 0 1 130 548
    Toluene 2374 2374 2374 0 0 133046 126627
    Benzene 0 0 0 0 0 2479 659
    Napthalene                 20179 0 0 0 20179 0 0
    1,2,4-Trimethylbenzene    20113 133 133 0 19981 13 0
    Isopropylbenzene              29739 13174 13174 0 16564 332 0
    N-Heptane       0 0 0 0 0 6677 0
    1-Butene 0 0 0 0 0 384 0
    1-Pentene 0 0 0 0 0 1919 0
    1-Hexene 0 0 0 0 0 3440 0
    1-Heptene  0 0 0 0 0 838 0
    Air              0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0
Total Flow (lbmol/hr) 1194 730 730 474 464 2371 1642
Total Flow (lb/hr) 135645 78674 78674 50322 56971 203468 154861
Total Flow (cuft/hr)      2814 1669 1389 888 1157 1117480 3196
Temperature (°F)          300.54 282.70 -22.00 -22.00 341.89 207.92 239.18
Pressure (psia)        16.70 14.70 14.70 14.70 14.70 14.70 16.70
Vapor Fraction        0.00 0.00 0.00 0.00 0.00 1.00 0.00
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Distillation Stream Report (1 of 1)
CW-500 CW-501 S-513 S-514 S-515 S-516 S-517 S-518 S-519 S-604
Mass Flow (lb/hr)           
    Sorbitol 0 0 0 0 0 0 0 0 0 0
    Para-Xylene               0 0 18805 18805 2 2 2 0 2 18807
    Ortho-Xylene               0 0 2739 2739 0 0 0 0 0 2739
    Meta-Xylene               0 0 5477 5477 1 1 1 0 1 5478
    Methane              0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0 0 0
    N-Butane 0 0 0 0 2595 2595 2595 2590 5 2595
    N-Pentane 0 0 5 5 15971 15971 15971 15041 930 15976
    N-Hexane 0 0 0 0 0 0 0 0 0 0
    Carbon Dioxide               0 0 0 0 0 0 0 0 0 0
    Water     659777 659777 0 0 0 0 0 0 0 0
    Hydrogen                 0 0 0 0 0 0 0 0 0 0
    Glucose 0 0 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 548 548 0 0 0 0 0 548
    Toluene 0 0 126627 126627 8493 8493 8493 0 8493 135120
    Benzene 0 0 659 659 19244 19244 19244 119 19125 19903
    Napthalene                 0 0 0 0 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    0 0 0 0 0 0 0 0 0 0
    Isopropylbenzene              0 0 0 0 0 0 0 0 0 0
    N-Heptane       0 0 0 0 0 0 0 0 0 0
    1-Butene 0 0 0 0 384 384 384 383 1 384
    1-Pentene 0 0 0 0 1918 1918 1918 1828 90 1919
    1-Hexene 0 0 0 0 0 0 0 0 0 0
    1-Heptene  0 0 0 0 0 0 0 0 0 0
    Air              0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 36623 36623 1642 1642 639 639 639 287 351 2281
Total Flow (lb/hr) 659777 659777 154861 154861 48607 48607 48607 19960 28646 203468
Total Flow (cuft/hr)      10427 10499 3196 3196 270204 1036 1036 110213 573 4203
Temperature (°F)          40.00 53.18 239.17 239.18 139.86 62.80 62.82 86.09 175.69 182.01
Pressure (psia)        14.70 14.70 14.70 16.70 14.70 14.70 16.70 14.70 14.70 166.70
Vapor Fraction        0.00 0.00 0.00 0.00 1.00 0.00 0.00 1.00 0.00 0.00
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Crystallization Stream Report (1 of 1)
S-403 S-426 S-507 S-508 S-509 S-510 S-520 S-521
Mass Flow (lb/hr)         
    Sorbitol 526467 526467 0 0 0 0 0 0
    Para-Xylene               0 0 53820 53820 3498 50322 53820 53820
    Ortho-Xylene               0 0 3249 3249 3249 0 3249 3249
    Meta-Xylene               0 0 5089 5089 5089 0 5089 5089
    Methane              0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0
    N-Butane 0 0 0 0 0 0 0 0
    N-Pentane 0 0 0 0 0 0 0 0
    N-Hexane 0 0 0 0 0 0 0 0
    Carbon Dioxide               0 0 0 0 0 0 0 0
    Water     468556 468556 0 0 0 0 0 0
    Hydrogen                 0 0 0 0 0 0 0 0
    Glucose 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 835 835 835 0 835 835
    Toluene 0 0 2374 2374 2374 0 2374 2374
    Benzene 0 0 0 0 0 0 0 0
    Napthalene                 0 0 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    0 0 133 133 133 0 133 133
    Isopropylbenzene              0 0 13174 13174 13174 0 13174 13174
    N-Heptane       0 0 0 0 0 0 0 0
    1-Butene 0 0 0 0 0 0 0 0
    1-Pentene 0 0 0 0 0 0 0 0
    1-Hexene 0 0 0 0 0 0 0 0
    1-Heptene  0 0 0 0 0 0 0 0
    Air              0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 28899 28899 730 730 256 474 730 730
Total Flow (lb/hr) 995023 995023 78674 78674 28352 50322 78674 78674
Total Flow (cuft/hr)      13758 13777 1669 1389 501 888 1603 1449
Temperature (°F)          204.16 206.67 282.70 -22.00 -22.00 -22.00 226.67 60.00
Pressure (psia)        669.70 669.70 14.70 14.70 14.70 14.70 14.70 14.70
Vapor Fraction        0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Section III: Process Overview, Flowsheets, & Material Balances 
77 
 
Section 600: Transalkylation 
In transalkylation, side-products from the condensation reaction are converted into additional 
para-xylene. Because information on the possible products of condensation was limited, a large 
fraction of sorbitol was converted into undesired side-products. Transalkylation emerged as a way to 
recover some of this material, which would otherwise be burned or wasted. In addition, 
transalkylation simultaneously produced additional benzene, increasing benzene production to 
quantities significant enough to isolate and sell for additional revenue. 
Of the available literature, US Patents 2011/0092756, 2005/0215839, and 6323381 provided 
the most complete and relevant information to the process at hand. This process’s transalkylation 
was modeled after Example 2 on column 10 of US Patent 6323381 due the specific yields presented 
and because of the selective production of para-xylene over its isomers, which was necessary to 
maintain a high enough concentration of the para-xylene isomer for crystallization. 
Toluene-rich distillate from the first post-condensation separation, with toluene as the light key and 
para-xylene as the heavy key, feeds the transalkylation. The products are then separated into 
hydrocarbons for burning, benzene for separate sale, and heavier products for recycle and recovery. 
Pre-Heating 
 Before transalkylation, the 200,000 lb/hr feed is vaporized in HX-600 and brought to the 
appropriate temperature of 850 degrees Fahrenheit. These conditions are specified by US patent 
6323381. The heat duty of 68 million BTU/hr is provided by the furnace R-700. The stream is then 
fed to the transalkylation reactor R-600. 
Transalkylation 
 The heated feed is fed continuously as one stream to a packed bed reactor at 850 degrees 
Fahrenheit and atmospheric pressure, as specified in US Patent 6323381. The yields were estimated 
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from data provided in Example 2 of the aforementioned patent, with yields scaled to compensate for 
the absence of species such as heavy aromatics and xylene isomers in the feed. 
 Transalkylation is catalyzed by zeolite catalyst, similar to the catalyzed condensation. In 
Example 2 of the aforementioned patent, a “selectivated large crystal HZSM-5 was used.” Although 
no further specifics were given, the catalyst was assumed similar enough to the condensation catalyst 
that both could be ordered together in order to achieve economies of scale. Information and 
assumptions applied to pricing for the condensation catalyst were also applied to the transalkylation 
catalyst. 
Cooling and Heat Recovery 
 After exiting the reactor, the effluent pass through heat exchanger HX-403, where it 
simultaneously preheats feed for the condensation reaction. Nearly 80 million BTU/hr are 
transferred between streams. The exchanger is configured to maximize heat transfer by achieving the 
minimum allowable temperature approach of 50 degrees Fahrenheit for streams over 300 degrees 
Fahrenheit. The effluent then flows through heat exchanger HX-601, where cooling water is used to 
bring the stream to 128 degrees Fahrenheit; the flow rate of cooling water was adjusted such that the 
water enters at 90 degrees Fahrenheit and exits at 120, consistent with industry heuristics. Finally, 
pump P-601 provides a 2 psi increase to combat frictional pressure losses. The cooled effluent is 
then returned to the separation section of the process at distillation column DC-502.
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Transalkylation Stream Report (1 of 1)
CW-600 CW-601 S-404 S-426 S-512 S-600 S-601 S-602 S-603 S-604
Mass Flow (lb/hr)           
    Sorbitol 0 0 526467 526467 0 0 0 0 0 0
    Para-Xylene               0 0 0 0 5515 5515 18807 18807 18807 18807
    Ortho-Xylene               0 0 0 0 130 130 2739 2739 2739 2739
    Meta-Xylene               0 0 0 0 458 458 5478 5478 5478 5478
    Methane              0 0 0 0 0 0 0 0 0 0
    Ethane 0 0 0 0 0 0 0 0 0 0
    Propane 0 0 0 0 0 0 0 0 0 0
    N-Butane 0 0 0 0 2595 2595 2595 2595 2595 2595
    N-Pentane 0 0 0 0 15976 15976 15976 15976 15976 15976
    N-Hexane 0 0 0 0 27840 27840 0 0 0 0
    Carbon Dioxide               0 0 0 0 0 0 0 0 0 0
    Water     520883 520883 468556 468556 1697 1697 0 0 0 0
    Hydrogen                 0 0 0 0 1 1 0 0 0 0
    Glucose 0 0 0 0 0 0 0 0 0 0
    Oxygen 0 0 0 0 0 0 0 0 0 0
    Nitrogen                0 0 0 0 0 0 0 0 0 0
    Carbon Monoxide            0 0 0 0 0 0 0 0 0 0
    Sucrose 0 0 0 0 0 0 0 0 0 0
    Sodium Hydroxide 0 0 0 0 0 0 0 0 0 0
    Ethylbenzene 0 0 0 0 130 130 548 548 548 548
    Toluene 0 0 0 0 133046 133046 135120 135120 135120 135120
    Benzene 0 0 0 0 2479 2479 19903 19903 19903 19903
    Napthalene                 0 0 0 0 0 0 0 0 0 0
    1,2,4-Trimethylbenzene    0 0 0 0 13 13 0 0 0 0
    Isopropylbenzene              0 0 0 0 332 332 0 0 0 0
    N-Heptane       0 0 0 0 6677 6677 0 0 0 0
    1-Butene 0 0 0 0 384 384 384 384 384 384
    1-Pentene 0 0 0 0 1919 1919 1919 1919 1919 1919
    1-Hexene 0 0 0 0 3440 3440 0 0 0 0
    1-Heptene  0 0 0 0 838 838 0 0 0 0
    Air              0 0 0 0 0 0 0 0 0 0
    DowthermA   0 0 0 0 0 0 0 0 0 0
Total Flow (lbmol/hr) 28913 28913 28899 28899 2371 2371 2281 2281 2281 2281
Total Flow (lb/hr) 520883 520883 995023 995023 203468 203468 203468 203468 203468 203468
Total Flow (cuft/hr)      8454 8599 14561 13777 1117480 2258520 185115 4867 4203 4203
Temperature (°F)          90.00 120.61 298.62 206.67 207.92 850.00 850.00 348.63 182.00 182.01
Pressure (psia)        14.70 14.70 669.70 669.70 14.70 14.70 164.70 164.70 164.70 166.70
Vapor Fraction        0.00 0.00 0.00 0.00 1.00 1.00 1.00 0.00 0.00 0.00
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Section 700: Furnace & Heating Cycles 
The process requires a great deal of heating due to the extreme conditions of several reactors 
and to the utility-intensive distillation columns. Fortunately, a large number of alkanes and other 
combustible hydrocarbons are made available for combustion by Section 300 (aqueous phase 
reforming) and by Section 500 (separations). In order to minimize utilities, these by-products are 
combusted for one of three purposes: boiling steam, vaporizing Dowtherm A, or heating Solar Salt. 
A quick sanity check (see SC-700) shows that the process provides well over 977 MBtu/h for 
production of steam, which exceeds the total heating and steam requirements of 912 MBtu/h (see 
Figure 24).  
Molten Salt Furnace & Cycle 
The transalkylation reaction in reactor R-600 occurs at 850
0
F. Naturally, this requires 
extensive pre-heating of the feed (S-600) to the reactor. The most economical and environmentally-
friendly material available at these temperatures is Solar Salt, a 60/40 mixture of sodium nitrate and 
potassium nitrate (other media considered are detailed in Table 18.1 of PPDP and in Mathur). Please 
see Section VIII and Appendix D for pricing and further materials specifications.  
After exiting a cone-roof storage tank (ST-701), the Solar Salt is heated in FRN-700 and travels 
through heat exchanger (HX-600), cooling from 1100
0
F to 900
0
F. The sensible heat transfer 
increases the temperature of the S-512 to 850
0
F.  
Dowtherm A Furnace & Cycle 
Acid-catalyzed condensation (R-400 through R-403) occurs in this process at 698
0
F - a 
temperature outside the reasonable reach of steam. Dowtherm A (product information in Appendix 
D) is sold by Dow Chemical Company, and is recommended for heating up to 750
0
F (Table 18.1, 
PPDP). The Dowtherm A is stored in a spherical tank, ST-700. Due to the large amount required, the 
stream splits into two, each of which travels through a separate furnace (FRN-701 and FRN-702) 
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before recombining as vapor and entering heat exchanger HX-404. The condensation of Dowtherm 
A provides the necessary heat to raise S-405 to the requisite 698
0
F.  
Fired Steam Boiler 
The four distillation column reboilers (RB-500 through RB-503), the crystallizer apparatus 
(CRY-500 and WC-500), and heat exchanger HX-301 require steam heating. Rather than purchase it 
externally, the heat is supplied by vaporizing excess water (S-526) in a fired steam boiler (FRN-
703). The steam output is split as necessary according to Figure 7, with valves employed to adjust 
each stream to the required pressure. 
Figure 7 
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IV. ENERGY BALANCE & UTILITY REQUIREMENTS 
An important specification of the project charter is to minimize utility usage and to ensure 
the project is “green.” This entails recycling as much water as possible, avoiding natural gases, and 
generally minimizing the carbon footprint. Regardless, the varied and at-times extreme conditions of 
the process require a variety of utilities for heating, cooling, and power. This section summarizes 
utility usage by type, describes assumptions and calculations, details cost-saving measures and their 
impact, and notes areas for further study. 
Utility Requirements 
Without integration or cost-saving measures, the process required electricity; steam at 50 
psig, 150 psig, and 450 psig; cooling water; chilled water; refrigeration to -90
0
F; Dowtherm A; and 
molten salts. Due to the excess heat generated by burning by-products, all of the process steam 
requirements were quickly substituted with boiler feed water. In the final process design, however, 
excess water from the three-phase separation in Section 500 is used in place of externally-purchased 
boiler feed water, as well as to offset some cooling water requirements.  This resulted in overall 
utility requirements as summarized in Figure 8. 
Figure 8 
 
Amount and cost of utility are explored comparatively in Figure 9 and Figure 10. 
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Figure 9 
 
Figure 10 
 
The utilities are examined by type in the following sections, but more detailed information on cost is 
available in the Process Economics segment Utility Requirements. 
Electricity 
Electricity is needed for pumps throughout the process, as well as for a compressor and a 
washer-column unit. These latter two units are by far the largest consumers of electricity on a per-
unit basis, with 83% and 5% of the overall consumption, respectively. See Figure 11. 
 $0.0239 
(53%) 
 $0.0095 
(21%) 
 $0.0073 
(16%) 
 $0.0018 (4%) 
 $0.0014 (3%)  $0.0013 (3%) 
Utility Cost per Pound of Para-Xylene by Type 
Electricity 
Dowtherm A 
Cooling Water 
Molten Salt 
Chilled Water 
Refrigeration 
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Figure 11 
 
Cooling Water 
Cooling water is procured at 90
0
F for use in process heat exchangers, as well as distillation 
column condensers and in the multistage compressor’s intercoolers. See the summary in Figure 12. 
In all cases, the full temperature range of heating (up to 120
0
F) is used in order to minimize 
requirements while not violating Heuristic 27 (PPDP), which should prevent the worst of fouling. 
Note that one heat exchanger in particular, HX-401, is responsible for over 70% of the process 
cooling requirements. This unit should be further examined, as it represents a significant cost driver.  
83% 
12% 
5% 
Electricity Usage by Unit Type (kW) 
Compressor 
Pumps (49) 
Washer Column 
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Figure 12 
 
The total amount of cooling water used by this process, excluding HX-401 is 22,250 gpm, or about 
10.5 billion gallons per year. Including HX-401, this increases dramatically to 82,250 gpm and 39.1 
billion gallons per year. 
Chilled Water 
Chilled water is necessary to cool process streams to a minimum of 60
0
F. It is used in HX-
500 to pre-cool the DC-503 inlet stream to the requisite 62.8
0
F (see Section 500). It is also used to 
minimize the amount of refrigeration required in block CRY-500, pre-cooling stream S-513. A total 
of 1,564 ton-day of chilled water is used. This equates to 2,650 gpm or 1.25 billion gallons per year.  
Refrigeration 
Refrigeration at -90
0
F is used in CRY-500 to crystallize para-xylene at -22
0
F. According to 
Table 18.1 of PPDP, vaporizing ethylene would be a more than adequate heat-transfer medium at 
this temperature range. The fluid is included in the overall purchase cost, according to the supplier.  
Dowtherm A 
Dowtherm A is a commonly employed heat source for temperatures outside the reasonable 
reach of steam, but not exceeding 750
0
F. In order to meet the process heating requirements in this 
82% 
16% 
2% 
Cooling Water Usage by Type (MBtu/h) 
Heat Exchangers 
Condensers 
Compressor 
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temperature range, about 532,000 pounds of Dowtherm A are required. Calculations are shown in 
SC-U00.  
Molten Salt 
Molten salts are employed to achieve temperatures up to 1,100
0
F. The transalkylation 
reaction in R-600 takes place at 850
0
F, and thus requires a medium like this. Solar Salt, detailed in 
Section -700 and in Appendix D is the molten salt used in this process. Given the residence time of 
six hours, around seven million pounds are necessary to achieve the required pre-heating of the feed. 
An example calculation is in SC-U00.  
Cost-Saving Measures 
Heat Integration 
The process uses a multitude of heat exchangers in order to maximize energy efficiency. As a 
result, no externally-supplied steam or electric heating is required. See process overview and unit 
descriptions for m ore information. 
Steam Generation 
Excess process heat is used to vaporize water and produce steam for use in reboilers, HX-
301, and SEP-500.  
Excess Water Utilization 
Both aqueous phase reforming (R-300) and condensation (R-40X) produce water, which is 
recovered after separations in streams S-324 and S-502, respectively. Both of these water supplies 
are extremely pure, but are at temperatures too high for use as cooling water. However, a portion of 
this water (S-527) is used in heat exchanger HX-601 to cool an inlet stream that exceeds 400
0
F 
(p.471, PPDP). The remaining excess water (S-324 and S-526) is used as boiler feed, which replaces 
the need for any external purchase. Note that the amount of excess water available for use as boiler 
feed exceeds that needed to meet steam requirements.  
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Impact of Cost-Saving Measures 
In total, these cost-saving measures reduced utilities by $12.7 million per year. Figure 13 
summarizes the savings, and calculations are shown in SC-U01. 
Figure 13 
 
Further Exploration 
Excess Boiler Feed Water and Steam Turbines 
Generation of electricity via steam turbines should be explored as a means of work-
integration and cost saving. Streams S-324 and S-526 generate more steam than is needed for 
heating. The excess could be diverted to offset some power requirements. This was not explored in 
this analysis due to the expected limited impact in the face of extreme electricity requirements. 
Cooling Efficiency of HX-401 
The extreme amount of cooling water required for HX-401 represents a great cause for 
concern, and it is likely that a heat exchanger is not the most effective medium. Alternative cooling 
configurations such as a cooling tower should be explored before implementation. 
Solar Heating 
Solar Salt is traditionally heated in large solar fields. The current process uses a solar salt 
furnace as suggested by Table 22.32 of PPDP. If a solar heating setup is feasible given the 
conditions in Brazil, this would save construction of one furnace and allow for the combustion gases 
currently used in that furnace to be diverted elsewhere. The cost would be the construction of a 
second storage tank and other units needed for the solar heating process. More information can be 
found in Appendix D. 
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V. UNIT DESCRIPTIONS 
Section 000: Input Storage & Clarification 
Storage Tanks 
ST-000, ST-001, ST-002, ST-003, ST-004, ST-005, ST-006, ST-007, ST-008, ST-009, ST-010, 
ST-011, ST-012, ST-013, ST-014, ST-015 
Base Purchase Cost: $1,906,800 
 
            At desired flow rate of 1.25 million pounds per hour of molasses, fifteen storage tanks are 
necessary to ensure that production can continue 330 days per year. Since the vapor pressure of 
molasses is extremely low, cone-roof tanks made of carbon steel were appropriate. The molasses is 
stored at ambient temperature, 77
0
F, and atmospheric pressure, 14.7 psia. Each tank is 20,000,000 
gallons, which is the upper limit of construction according (p.589, PPDP). The storage tanks are 
expected to operate at 76% capacity with a residence time of six days. For the nine months of the 
year that molasses produced, five tanks will be used to allow for deliveries once monthly. Since 
molasses is unavailable approximately 92 days per year, the remaining ten tanks will be filled as 
shortly as possible before end of season. Each tank empties on a rotating basis into stream S-000. 
See SC-000 for calculations. 
Pumps 
P-000 
Base Purchase Cost: $84,300 
            This is a centrifugal cast iron pump that adds a driving force of 2 psi to the molasses feed, S-
000, drawing it from the storage tank in operation and introducing it to the clarification process. This 
satisfies Heuristic 38 of PPDP, which allows for a 2 psi pressure drop across 100 ft of pipe. The 
electricity required is 2.23 kW. The pump head is 3.89 ft.  
Other Equipment 
C-000 
Base Purchase Cost: $1,255,988 
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          This unit is a clarifier vessel.  Diluted molasses enters the clarifier to allow particles to settle.  
It handles 58,838 gallons per minute of liquid overflow.  It has a settling area of 88,258 square feet 
and a diameter of 335 feet.  It is made of concrete. It has a rotating rake to collect the sludge that 
accumulates at the bottom. 
 F-000 
Base Purchase Cost: $129,978 
          This unit is a rotary drum filter.  It removes 1500 pounds of filtrate per day per square foot.  It 
has a surface area of 115 square feet.   
Section 100: Hydrolysis 
Pumps 
P-100, P-101, P-102  
Base Purchase Cost: $10,200 
 
           This is a centrifugal pump, of 304 stainless steel, that pumps the three identically split streams 
of input from SPT-100 to HX-100, HX-101, and HX-102. It operates at a rate of 5,610 ft
3
/hr. The 
energy requirement for the pump is 14.13 HP. The pump operates at an efficiency of 0.74. The pump 
head is 50.1 ft. The pressure change across the pump is 1.75 atm. 
 
P-103, P-104, P-105 
Base Purchase Cost: $179,700 
 
           This is a centrifugal pump, of 304 stainless steel, that pumps the three identical streams from 
R-100, R-101, and R-102 to HX-200. It operates at a rate of 5,785 ft
3
/hr. The energy requirement for 
the pump is 659.10 HP. The pump operates at an efficiency of 0.74. The pump head is 2,342.5 ft. 
The pressure change across the pump is 1167 psi. 
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Heat Exchangers 
HX-100, HX-101, HX-102 
Base Purchase Cost: $51,200 
This is a heat exchanger that is used to heat the sucrose and water feed to R-100, R-101, and 
R-102 and cool the product from the condensation reaction. This is a floating head shell and tube 
heat exchanger. The streams exiting pumps P-100, P-101, and P-102 are passed through the heat 
exchangers at a flow rate of 5,610 ft
3
/hr. The temperature of the cold inlet stream is increased from 
77°F to 212°F (25°C to 100°C). The hot inlet stream from SPT-400 is passed through the heat 
exchangers at a flow rate of 276,000 ft
3
/hr. The temperature of the hot inlet stream is decreased from 
698°F to 506°F (370°C to 263.3°C). The heat duty of heat exchanger is 36,902,766 BTU/hr. The 
heat transfer area is 1,615 ft
2
. Both the shell side and the tube side are made of 304 stainless steel. 
Reactors 
R-100, R-101, R-102 
Base Purchase Cost: $175,600 
This is a reactor used to convert the sucrose and water fed into it from P-100, P-101, and P-
102 to glucose and water. The reactor is fed at 5,994 ft
3
/hr. The reactor operates at 100°C and 1 atm. 
It is a 304 stainless steel fixed bed reactor loaded with catalyst. It has a capacity of 6,309 ft
3
/hr. The 
weight of the catalyst needed per charge is 147,000,000 g, costing approximately $2,490,000 
discounted to $0.621 million at 25%. The reactor is 23 feet tall and has a 6 ft diameter.  
Catalyst 
CAT-100 
Base Purchase Cost, including Lifetime Recharge: 6,388,200 
The catalyst used in hydrolysis is an HY-faujasite catalyst with an SI/Al ratio of 15. This is a 
zeolite catalyst much in the same sense as others that are needed later. This catalyst is used as a 
means to speed up the hydrolysis of sucrose in water which if just let to sit would take years to 
Castillo, Ernst, Lerch, Winchester 
96 
 
hydrolyze into glucose. To make up for the relatively rapid deactivation of the catalyst it possible to 
add a column of new catalyst to continuously pump catalyst into the reactor while filtering out older 
catalyst.  
  To create the catalyst H4SiO4 is fed into Na2AlO2 in a ratio of approximately 12 to 1. The 
catalyst is then steam-aged, for 2 hours at 500°C to create the stable faujasite crystals. Once the 
faujasite crystals have been obtained (NH4)2SiF6 is added as desired until the specified Si/AL ratio is 
reached. The deactivation of this catalyst is estimated to be 13.29 grams of catalyst / lbmol of 
reactant fed, based on an estimate for a similar catalyst. This estimate may be a little high for the 
deactivation however seeing as the catalyst did not lose any activity in the 7 day period of testing 
(Moreau, 1999). It is also known that the catalyst can easily be regenerated a limited number of 
times by using a thermal technique of burning off the coked particles by passing a stream of hot 
(500°C) air through the catalyst.  
To calculate the costs of the catalyst market pricing for H4SiO4, Na2AlO2, and (NH4)2SiF6 
were obtained. Once that was completed using data from Moreau, 1999, the weight hourly space 
velocity (WHSV) was calculated to be approximately 1.93 hr
-1
. Using the value of the WHSV and 
the known amount of feed to the reactor, the amount of catalyst needed was determined to be 
147,000,000 grams of catalyst per charge. From this it is known that to achieve a 15 to 1 ration of Si 
to Al that a ratio of 12:1:3 of H4SiO4: Na2AlO2: (NH4)2SiF6 is needed to achieve this goal. So to 
determine the overall pricing of the catalyst 147,000,000 was multiplied by 12/16 and the market 
price of H4SiO4 per gram and added to 147,000,000 multiplied by 1/16 and the market price of 
Na2AlO2 per gram and 147,000,000 multiplied by 3/16 and the market price of (NH4)2SiF6  per 
gram. This yields a value of $2.49 million per charge. It was then assumed to have a discount to 25% 
for bulk pricing options which gives a value of $0.62 million per charge. 
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The estimated deactivation of the catalyst, 13.29 grams/lbmol reactant was used to determine 
the deactivation of the catalyst. Since the flow rate of the reactant is known to determine the amount 
of deactivated catalyst in an hour the hourly lbmol flow rate is multiplied by 13.29. This yields a 
result of grams of deactivated catalyst per hour. The hourly deactivation of catalyst is 24,169 grams 
per hour. The price of the hourly deactivated catalyst is determined via the same process as before 
and this value is multiplied by 24 hours and 365 days to get a yearly cost. The cost was determined 
to be $3.52 million and with the discount 25% bulk pricing $0.88 million. See SC-C00 for 
calculations. 
Section 200: Hydrogenation 
Pumps 
P-200, P-201, P-202, P-203, P-204, P-205 
Base Purchase Cost: $6,500 
           This is a centrifugal pump, of 304 stainless steel, that pumps the six identically split streams 
from SPT-200 to R-200, R-201, R-202, R-203, R-204, and R-205. It operates at a rate of 2,828 ft
3
/hr. 
The energy requirement for the pump is 0.61 HP. The pump operates at an efficiency of 0.68. The 
pump head is 3.9 ft. The pressure change across the pump is 2 psi. 
 
P-206, P-207, P-208, P-209, P-210, P-211 
Base Purchase Cost: $6,500 
 
           This is a centrifugal pump, of 304 stainless steel, that pumps the six identical streams from R-
200, R-201, R-202, R-203, R-204, and R-205 to MIX-200. It operates at a rate of 2,841 ft
3
/hr. The 
energy requirement for the pump is 0.61 HP. The pump operates at an efficiency of 0.68. The pump 
head is 3.9 ft. The pressure change across the pump is 2 psi. 
 Heat Exchangers 
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HX-200 
Base Purchase Cost: $286,600 
This is a heat exchanger that is used to cool the glucose and water stream going to SPT-200 
by using cooling water. This is a floating head shell and tube heat exchanger. The stream exiting 
MIX-100 is passed through the heat exchanger at a flow rate of 17,739 ft
3
/hr. The temperature of the 
hot inlet stream is decreased from 214.16°F to 173.75°F (101.2°C to 78.75°C). The cold inlet stream 
is passed through the heat exchangers at a flow rate of 20,654 ft
3
/hr. The temperature of the cold 
inlet stream is increased from 90°F to 120°F (32.2°C to 48.9°C). The heat duty of heat exchanger is 
40,777,165 BTU/hr. The heat transfer area is 9057 ft
2
. Both the shell side and the tube side are made 
of 304 stainless steel. 
Reactors 
R-200, R-201, R-202, R-203, R-204, R-205 
Base Purchase Cost: $191,300 
    This is a reactor used to convert the glucose fed into it from P-200, P-201, P-202, P-203, P-204, 
and P-205 to sorbitol. The reactor is fed at 2,828 ft
3
/hr. The reactor operates at 353K and 80 bar. It is 
a Teflon coated stainless steel 316 trickle bed reactor loaded with catalyst. It is a Teflon coated 
reactor to prevent catalyst poisoning. It has a capacity of 211,083 lb/hr. The weight of the catalyst 
needed per charge is 24,202,200 g, costing approximately $47.5 million discounted to $11.9 million 
at 25%. The reactor is 18.5 feet tall and has a 5 ft diameter.   
Catalyst 
CAT-200 
Purchase Cost, including Lifetime Recharge: $15,3.91,100 
          In typical glucose hydrogenation Ni used to be the preferred catalyst metal because of its high 
activity and low costs. Unfortunately Ni catalysts can leach and have their activity decreased rapidly 
and require possibly expensive separation processes to purify the product of the Ni particles. Ru 
catalysts however don’t suffer from the same drawbacks as Ni which makes it much more appealing 
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as a commercial catalyst. The catalyst which yielded the best result for glucose hydrogenation was a 
Ru05Ai catalyst. 
The Ru05Ai catalyst creation process would be prepared by the impregnation of Al2O3 with 
Ruthenium (III) Acetylacetonate. The Al2O3 is used as the support metal for the activation of the 
ruthenium. To begin the preparation of the catalyst 73 g Al2O3 is mixed with 150 ml of toluene and 
stirred for 15 minutes. Once the Al2O3/toluene slurry is prepared, 2.907 g Ruthenium (III) 
Acetylacetonate is dissolved in a separate 150 ml of toluene and this solution is added to the slurry. 
This new slurry is stirred for one hour while being swirled occasionally to homogenize it. The 
toluene is also left to evaporate at room temperature at this time. The catalyst is then heated in by a 
helium stream within four hours to 250°C and held at this temperature for two more hours. To 
reduce the catalyst it is heated to 350°C within one hour by a hydrogen stream and held at this 
temperature for three more hours. (Kusserow, 2002) However based on the cost of buying of the raw 
materials needed and additional labor costs needed for creating the catalyst it was found to be much 
cheaper to purchase a catalyst that is believed to be similar from a supplier. Catalyst deactivation 
was assumed to be seven years because of Ruthenium’s use as a precious metal. It was also assumed 
that the catalyst could be sold back to the supplier for half of the purchase price. 
 To estimate the cost of making the catalyst, the prices of Ruthenium (III) Acetyl Acetonate, 
Al2O3, and toluene were obtained. A scale up factor was determined based on the volumetric flow 
rate of the reactant feed and the volume of catalyst added. The scale up factor (SUF) is merely the 
volumetric flow rate of the limiting reactant feed needed divided by 0.04 L and 7.5 (a “volumetric 
hourly space velocity”). Based on a 300ml:73g:2.907g ratio of Toluene: Al2O3:Ruthenium (III) 
Acetyl Acetonate  the price of the catalyst was determined to be $229.7 million. With the discount to 
25% it would cost $57.4 million. Unfortunately these prices were too high so a similar catalyst that 
could be bought from a supplier was searched for. To determine the mass of the catalyst needed to 
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be purchased the wt% of Ru in Ruthenium (III) Acetyl Acetonate was determined (approximately 
25.4%). Using this value and the mass of Ruthenium (III) Acetyl Acetonate needed it was 
determined that 1.21 million grams of Ru would be needed. Using the catalyst specification of 5% 
Ru it was found that 24.2 million grams of catalyst is needed. To purchase this much catalyst from 
the supplier it was found to cost $47.5 million much less than the amount of money to produce it. 
Using the discount 25%, the price drops to $11.9 million. See calculation SC-C01. 
Section 300: Aqueous Phase Reforming 
Pumps 
P-300 
Base Purchase Cost: $8,500 
This is a centrifugal pump, of 304 stainless steel, that pumps the heated sorbitol stream from 
HX-300 to HX-301. It operates at a rate of 4,859 ft
3
/hr. The energy requirement for the pump is 3.39 
HP. The pump operates at an efficiency of 0.73. The pump head is 14.4 ft. The pressure change 
across the pump is 7 psi. 
P-301 
Base Purchase Cost: $5,200 
 
           This is a centrifugal pump, of 304 stainless steel, that pumps the recycled sorbitol stream from 
F-300 to MIX-300. It operates at a rate of 1,390 ft
3
/hr. The energy requirement for the pump is 0.34 
HP. The pump operates at an efficiency of 0.60. The pump head is 4.5 ft. The pressure change across 
the pump is 2 psi. 
P-302 
Base Purchase Cost: $8,400 
 
           This is a centrifugal pump, of 304 stainless steel, that pumps the mixed sorbitol stream from 
MIX-300 to HX-300. It operates at a rate of 4,784 ft
3
/hr. The energy requirement for the pump is 
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2.39 HP. The pump operates at an efficiency of 0.73. The pump head is 10.2 ft. The pressure change 
across the pump is 5 psi. 
Heat Exchangers 
HX-300 
Base Purchase Cost: $56,000 
  This is a heat exchanger that is used to cool the hydrogen, carbon dioxide, alkane, and water 
stream from VAL-301, while heating the mixed sorbitol stream from P-302. This is a floating head 
shell and tube heat exchanger. The stream exiting VAL-301 is passed through the heat exchanger at 
a flow rate of 6,364,400 ft
3
/hr. The temperature of the hot inlet stream is decreased from 338.74°F to 
273.58°F (170.4°C to 134.2°C). The cold inlet stream is passed through the heat exchangers at a 
flow rate of 4784 ft
3
/hr. The temperature of the cold inlet stream is increased from 227.58°F to 
253.58°F (108.7°C to 123.1°C). The heat duty of heat exchanger is 7,700,625 BTU/hr. The heat 
transfer area is 2,422 ft
2
. Both the shell side and the tube side are made of 304 stainless steel. 
HX-301 
Base Purchase Cost: $174,200 
This is a heat exchanger that is used to heat the mix sorbitol stream from P-300 using some 
of the heat generated from the furnace. This is a floating head shell and tube heat exchanger. The 
stream exiting P-300 is passed through the heat exchanger at a flow rate of 4,858 ft
3
/hr. The 
temperature of the cold inlet stream is increased from 253.59°F to 359.6°F (123.1°C to 182°C). The 
heat duty of heat exchanger is 32,547,633 BTU/hr. The heat transfer area is 8505 ft
2
. Both the shell 
side and the tube side are made of 304 stainless steel. 
HX-302 
Base Purchase Cost: $16,000 
This is a heat exchanger that is used to cool the hydrogen stream from HX-400 using cooling 
water. This is a floating head shell and tube heat exchanger. The stream exiting HX-400 is passed 
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through the heat exchanger at a flow rate of 25,003 ft
3
/hr. The temperature of the hot inlet stream is 
decreased from 254.16°F to 173.75°F (123.4°C to 78.75°C). The cold inlet stream is passed through 
the heat exchangers at a flow rate of 1003 ft
3
/hr. The temperature of the cold inlet stream is 
increased from 90°F to 120°F (32.2°C to 48.9°C). The heat duty of heat exchanger is 2,014,133 
BTU/hr. The heat transfer area is 157 ft
2
. Both the shell side and the tube side are made of 304 
stainless steel. 
HX-303 
Base Purchase Cost: $185,100 
This is a heat exchanger that is used to cool the hydrogen, carbon dioxide, alkane, and water 
stream from HX-300 using chilled water. This is a floating head shell and tube heat exchanger. The 
stream exiting HX-300 is passed through the heat exchanger at a flow rate of 5,840,540 ft
3
/hr. The 
temperature of the hot inlet stream is decreased from 273.58°F to 140°F (134.2°C to 60°C).  The 
cold inlet stream is passed through the heat exchangers at a flow rate of 22,258 ft
3
/hr. The 
temperature of the cold inlet stream is increased from 40°F to 120°F (4.4°C to 48.9°C). The heat 
duty of heat exchanger is 122,304,595BTU/hr. The heat transfer area is 12,179 ft
2
. Both the shell 
side and the tube side are made of 304 stainless steel. 
Reactors 
R-300 
Base Purchase Cost: $231,800 
This is a reactor used to convert the sorbitol fed into it from HX-301 to hydrogen, alkanes, 
and carbon dioxide. The reactor is fed at 5,209 ft
3
/hr. The reactor operates at 182°C and 50 bar. It is 
a 304 stainless steel trickle bed reactor loaded with catalyst. It has a capacity of 6,309 ft
3
/hr. The 
weight of the catalyst needed per charge is 44,266,068 g, costing approximately $240.9 million 
discounted to $60.2 million at 25%. The reactor is 22 feet tall and has a 6 ft diameter.   
Section V: Unit Descriptions 
103 
 
Separators 
SEP-300 
Base Purchase Cost: $52,000 
This is a separator used to separate hydrogen from carbon dioxide and alkanes. It utilizes 
pressure swing adsorption technology to create the separation. The separator is fed with 3,414,410 
ft
3
/hr. The separator is 12 ft tall and has a diameter of 11.5 ft. The separator has a heat duty of -
14,767,649 BTU/hr. The separator is made of 304 stainless steel.  
ST-300 
Base Purchase Cost: $344,890 
 
          This unit is a horizontal pressure vessel for the storage of hydrogen gas. At 77 
0
F and 20 bar, 
the tank can hold 3393 cubic feet of hydrogen. The storage tank is constructed from carbon steel.  It 
is 30 feet long and has a diameter of 12 feet. 
 
ADS-300, ADS-301, ADS-302, ADS-303 
Base Purchase Cost: $477,000 
 
This unit is an adsorption column for pressure swing adsorption.  It is 35 feet high and has a 
diameter of 8 feet.  Gas feed enters the column at 20 bar.  It is filled with 81,000 pounds of zeolite 
13x.   
F-300 
Base Purchase Cost: $35,100 
This is a separator used to separate sorbitol from hydrogen, carbon dioxide, and alkanes. It 
utilizes flash vaporization technology to create the separation. The separator is fed with 255,086 
ft
3
/hr. The separator is 13 ft tall and has a diameter of 6 ft. The separator has a heat duty of 
77,018,428 BTU/hr. The separator operates at 359.6°F and 20 bar. The separator is made of 304 
stainless steel. 
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F-301 
Base Purchase Cost: $34,600 
This is a separator used to separate water from hydrogen, carbon dioxide, and alkanes. It 
utilizes flash vaporization technology to create the separation. The separator is fed with 2,739,570 
ft
3
/hr. The separator is 12 ft tall and has a diameter of 9.5 ft. The separator has a heat duty of 
5,106,795 BTU/hr. The separator operates at 140°F and 1 atm. The separator is made of 304 
stainless steel.  
Compressors 
CMP-300 
Base Purchase Cost: $10,132,800 
This is a multi stage compressor, of 304 stainless steel, used to compress the hydrogen from 
SEP-300 to 80 bar. It operates at a rate of 1,612,640 ft
3
/hr. The energy requirement for the 
compressor is 22,340 HP. The net cooling duty of the compressor is -30,562,822 BTU/hr. The 
pressure change across the compressor is 1149.6 psi. 
Catalyst 
CAT-300 
Purchase Cost, including Lifetime Recharging: $77,995,500 
The catalyst presentation in the patent was presented independent of the operating conditions 
discussion. The catalyst chosen is an RhReCe catalyst. The catalyst was made by adding 3.86g of 
Rhodium(III) Nitrate, 1.64g of Perrhenic acid, and 2.21g of Cerium(III) Nitrate hexahydrate to 12 ml 
of deionized water in the presence of titania modified carbon and dried overnight under a vacuum at 
100°C. The titania modified carbon was created by adding 1.95g of Titanium n-butoxide to 12 ml of 
anhydrous isopropanol in the presence of 10g of activated carbon. However due to the high costs of 
Rhodium (III) Nitrate it was assumed that the metals were purchased at market price and could be 
sold back to the supplier after deactivation for half the purchase price to be regenerated. It was also 
assumed that because rhodium is a precious metal the deactivation would take place over 7 years. 
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To calculate the price of this catalyst the prices of Rhodium (III) Nitrate, Perrhenic acid, and 
Cerium (III) Nitrate were obtained. It necessary that 175,659 lb of sorbitol is fed to the APR reactor 
per hour and from the specified WHSV of 1.8 (WO 2007/075476) it was determined that 97,588 lb 
(or 44.27 million grams) of catalyst is needed. Since 17.985 g is needed per batch the number of 
batches needed to be made is 2.46 million. The price of each material per batch was determined by 
the mass needed of each per batch and the price of the material. These prices were multiplied by the 
number of batches needed and summed together. This returns a value of $686 million which is 
entirely unreasonable. So to combat this issue the market prices of the metals themselves was 
obtained and the weight of each metal needed per batch was determined using weight percents. The 
price of each metal was converted to a per gram basis and the value of a single batch was determined 
to be $72.25 for 13.28 grams. The mass of catalyst needed was divided by the 13.28 and multiplied 
the $72.25 to determine the value of the catalyst needed by metal market pricing. This returned a 
more reasonable, although still very expensive, $240.9 million per charge. Using the discount to 
25%, the price becomes $60.2 million. See calculation SC-C02.  
Section 400: Condensation 
Pumps 
P-400 
FOB Cost: $119,300 
 This unit is a centrifugal pump made of carbon steel. It pumps  sorbitol from heat exchanger 
HX-400 to heat exchanger HX-402. It operates at a temperature of 204 degrees Fahrenheit and 
provides a specified 2psi increase to combat frictional losses. It moves 1727 gallons per minute with 
a density of 72.33 lb/ft
3
. The pump head is 3.98 feet. The pump uses 1.86kW of electricity and 
generates 2.5hp of brake power operating at 80.8% efficiency. These properties were determined 
using ASPEN for the specified 2psi pressure increase. 
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P-401 
FOB Cost: $272,300 
 This unit is a centrifugal pump made of carbon steel. It pumps  sorbitol from heat exchanger 
HX-404 the splitter SPT-400. It operates at a temperature of 698 degrees Fahrenheit and provides a 
specified 2psi increase to combat frictional losses. It moves 2818 gallons per minute with a density 
of 44.33 lb/ft
3
. The pump head is 6.5 feet. The pump uses 2.94kW of electricity and generates 
3.94hp of brake power operating at 83.5% efficiency. These properties were determined using 
ASPEN for the specified 2psi pressure increase. 
P-402 
FOB Cost: $121,400 
 This unit is a centrifugal pump made of carbon steel. It pumps  sorbitol from heat exchanger 
HX-404 the heat exchanger HX-404. It operates at a temperature of 302 degrees Fahrenheit and 
provides a specified 2psi increase to combat frictional losses. It moves 1832 gallons per minute with 
a density of 68.18 lb/ft
3
. The pump head is 4.33 feet. The pump uses 1.96kW of electricity and 
generates 2.63hp of brake power operating at 81.1% efficiency. These properties were determined 
using ASPEN for the specified 2psi pressure increase. 
Heat Exchangers: 
HX-400 
FOB Cost: $764,100 
 This is a shell and tube heat exchanger made of carbon steel on the tube side and 304 
stainless steel on the shell side. It performs heat recovery by heating 1 million lb/hr sorbitol from 
177 to 204 degrees Fahrenheit and cooling 7420lb/hr hydrogen from 1150 to 254 degrees 
Fahrenheit. It transfers a heat duty of 23.23 million BTU/hr over 1340 ft
2
 of heat transfer area and 
was designed assuming an overall heat coefficient of 50 BTU/hr-ft
2
-
o
F. It is 20ft long. The above 
was calculated by ASPEN based on the assumed overall heat transfer coefficient, a specified 
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minimum temperature approach of 50 degrees Fahrenheit, and a specified hot/cold outlet 
temperature approach of 50 degrees Fahrenheit to reasonably maximize heat transfer. 
HX-401 
FOB Cost: $1,375,300 
 This is a shell and tube heat exchanger made of carbon steel on the tube side and 304 
stainless steel on the shell side. It performs heat recovery by cooling 1 million lb/hr condensation 
product from 414 to 122 degrees Fahrenheit and using 29.652 million lb/hr cooling water heated 
from 90 to 120 degrees Fahrenheit. It transfers a heat duty of 978.49 million BTU/hr over 55,302 ft
2
 
of heat transfer area and was designed assuming an overall heat coefficient of 150 BTU/hr-ft
2
-
o
F. It 
is 20ft long. The above was calculated by ASPEN based on the assumed overall heat transfer 
coefficient, a specified minimum temperature approach of 20 degrees Fahrenheit, and a specified hot 
stream outlet temperature 122 degrees Fahrenheit as required for the three-phase separation. 
HX-402 
FOB Cost: $1,375,300 
 This is a shell and tube heat exchanger made of carbon steel on the tube side and 304 
stainless steel on the shell side. It performs heat recovery by heating 1 million lb/hr condensation 
product from 204 to 206 degrees Fahrenheit and cooling 74508 lb/hr xylenes from 276 to 226 
degrees Fahrenheit. It transfers a heat duty of 1.805 million BTU/hr over 1084 ft
2
 of heat transfer 
area and was designed assuming an overall heat coefficient of 40 BTU/hr-ft
2
-
o
F. It is 20ft long. The 
above was calculated by ASPEN based on the assumed overall heat transfer coefficient, a specified 
minimum temperature approach of 20 degrees Fahrenheit, and a specified hot/cold outlet 
temperature approach of 20 degrees Fahrenheit in order to reasonably assure maximum heat transfer. 
HX-403 
FOB Cost: $762,600 
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 This is a shell and tube heat exchanger made of carbon steel. It performs heat recovery by 
heating 1 million lb/hr of sorbitol solution from 207 to 302 degrees Fahrenheit and cooling 214929 
lb/hr of transalkylation product from 850 to 352 degrees Fahrenheit. It transfers a heat duty of 83.72 
million BTU/hr over 6890 ft
2
 of heat transfer area and was designed assuming an overall heat 
coefficient of 40 BTU/hr-ft
2
-
o
F. It is 20ft long. The above was calculated by ASPEN based on the 
assumed overall heat transfer coefficient, a specified minimum temperature approach of 50 degrees 
Fahrenheit, and a specified hot/cold outlet temperature approach of 50 degrees Fahrenheit in order to 
reasonably assure maximum heat transfer. 
HX-404 
FOB Cost: $11,854,500 
 This is a shell and tube heat exchanger made of carbon steel. It heats 1 million lb/hr sorbitol 
solution from 640 to 698 degrees Fahrenheit using hot Dowtherm A. It transfers a heat duty of 
527.76 million BTU/hr over 2858 ft
2
 of heat transfer area. It is 20ft long. The above was calculated 
by ASPEN based on the specified outlet temperature of the sorbitol necessary for condensation. 
Reactors 
R-400, R-401, R-402, R-403 
FOB Cost: $460,500 each 
 These are packed bed reactors made of carbon steel responsible for the catalyzed 
condensation reactor that convert sorbitol into para-xylene and other aromatics. Four identical 
reactors are used due to size limitations. Each reactor handles 250480 pounds of sorbitol solution per 
hour and operates at a temperature of 698 degrees Fahrenheit. Each has a volume of 4759.2 gallons, 
of which 3331 is working volume. Each is 22.5 feet high and 6 feet in diameter. 
CAT-400 
Purchase Cost, including Lifetime Reloading: $11,745,000  
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An activated zeolite or aluminosilicate catalyst, normally pentasil (more commonly called 
ZSM-5), facilitates the reaction. Zeolites have a porous structure that can accommodate a wide 
variety of cations. The cations are loosely held and exchange easily with cations in the contacted 
solution. Similar catalysts are used in the aqueous phase reforming and transalkylation portions of 
this process, and information on their manufacture and properties can be found in US patent 
2008/0300435 A1. For the condensation of sorbitol to produce para-xylene, ZSM-5, with a thirty-to-
one silicon dioxide to aluminum oxide ratio, is treated with a gallium nitrate solution, dried 
overnight in a vacuum oven, and subsequently calcined in flowing air at 400 degrees Celsius to 
effect 1.2% loading by weight of gallium (Example 46 in the patent). The WHSV is specified in the 
patent as 2 hr
-1
. To make up for the relatively rapid deactivation of the catalyst it possible to add a 
column of new catalyst to continuously pump catalyst into the reactor while filtering out older 
catalyst. 
To calculate the same costs of the catalyst market pricing for H4SiO4 and Na2AlO2were used.  
Using the value of the specified WHSV and the known amount of feed to the reactor, the amount of 
catalyst needed was determined to be 120.2 million grams of catalyst per charge. From this, it is 
known that to achieve a 30 to 1 ration of Si to Al which implies that a ratio of 30:1 of H4SiO4: 
Na2AlO2 is needed to achieve this goal. So to determine the overall pricing of the catalyst, 120.2 
million was multiplied by 30/31 and the market price of H4SiO4 per gram and added to 120.2 million 
multiplied by 1/31 and the market price of Na2AlO2 per gram. This yields a value of $2.41 million 
per charge. It was then assumed to have a discount to 25% for bulk pricing options which gives a 
value of $0.60 million per charge. 
The estimated deactivation of the catalyst, 13.29 grams/lbmol reactant was used to determine 
the deactivation of the catalyst. Since the flow rate of the reactant is known to determine the amount 
of deactivated catalyst in an hour the hourly lbmol flow rate is multiplied by 13.29. This yields a 
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result of grams of deactivated catalyst per hour. The hourly deactivation of catalyst is 38,674 grams 
per hour. The price of the hourly deactivated catalyst is determined via the same process as before 
and this value is multiplied by 24 hours and 365 days to get a yearly cost. The cost was determined 
to be $6.80 million and with the discount 25% bulk pricing $1.70 million. See calculation SC-C03. 
Section 500: Separations 
P-500 
FOB Cost: $45,200 
 This unit is a centrifugal pump made of carbon steel. It pumps bottoms product from column 
DC-500 to column DC-501. It operates at a temperature of 346 degrees Fahrenheit and provides a 
specified 2psi increase to combat frictional losses. It moves 407 gallons per minute with a specific 
gravity of 0.773. The pump head is 5.98 feet. The pump operates at 68.4% efficiency, uses 0.47kW 
of electricity and generates 0.63hp of brake power. These properties were determined using ASPEN 
for the specified 2psi pressure increase. 
DP-500 
FOB Cost: $9,900 
 This unit is a centrifugal pump made of carbon steel. It pumps distillate from DC-500 back 
into the column DC-500 or out. It operates at a temperature of 259 degrees Fahrenheit and provides a 
specified 2psi increase to combat frictional losses. It moves 494 gallons per minute with a specific 
gravity of 0.773. The pump operates at 70% efficiency. These properties were determined 
automatically by ASPEN as part of the RADFRAC subroutine. 
P-501 
FOB Cost: $53,600 
 This unit is a centrifugal pump made of carbon steel. It pumps organic condensation product 
from the three phase separator (SEP-500) to the first column (DC-500). It operates at a temperature 
of 250 degrees Fahrenheit. It moves 524 gallons per minute with a specific gravity of 0.777. The 
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pump head is 5.98 feet. The pump operates at 70.9% efficiency, uses 0.585kW of electricity and 
generates 0.78hp of brake power. These properties were determined using ASPEN for the specified 
2psi pressure increase. 
DP-501 
FOB Cost: $13,600 
 This unit is a centrifugal pump made of carbon steel. It pumps distillate from DC-501 back 
into the column or out. It operates at a temperature of 326 degrees Fahrenheit. It moves 864 gallons 
per minute with a specific gravity of 0.758. The pump operates at 70% efficiency. These properties 
were determined automatically by ASPEN as part of the RADFRAC subroutine. 
P-502 
FOB Cost: $53,500 
 This unit is a centrifugal pump made of carbon steel. It pumps bottoms product from column 
DC-502 in a recycle loop back to column DC-500. It operates at a temperature of 289 degrees 
Fahrenheit and provides a specified 2psi increase to combat frictional losses. It moves 489 gallons 
per minute with a specific gravity of 0.776. The pump head is 5.95 feet. The pump operates at 70.2% 
efficiency, uses 0.55kW of electricity and generates 0.74hp of brake power. These properties were 
determined using ASPEN for the specified 2psi pressure increase. 
DP-502 
FOB Cost: $26,600   
This unit is a centrifugal pump made of carbon steel. It pumps distillate from DC-502 back 
into the column or out. It operates at a temperature of 250 degrees Fahrenheit. It moves 2105 gallons 
per minute with a specific gravity of 0.776. The pump operates at 70% efficiency. These properties 
were determined automatically by ASPEN as part of the RADFRAC subroutine. 
P-503 
FOB Cost: $34,000 
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 This unit is a centrifugal pump made of carbon steel. It pumps distillate from column DC-502 
to column DC-503. It operates at a temperature of 70 degrees Fahrenheit and provides a specified 
2psi increase to combat frictional losses. It moves 176 gallons per minute with a specific gravity of 
0.775. The pump head is 5.96 feet. The pump operates at 59.3% efficiency, uses 0.23kW of 
electricity and generates 0.31hp of brake power. These properties were determined using ASPEN for 
the specified 2psi pressure increase. 
DP-503 
FOB Cost: $6,200 
 This unit is a centrifugal pump made of carbon steel. It pumps distillate from DC-503 back 
into the column or out. It operates at a temperature of 250 degrees Fahrenheit. It moves 183 gallons 
per minute with a specific gravity of 0.812. The pump operates at 70% efficiency. These properties 
were determined automatically by ASPEN as part of the RADFRAC subroutine. 
Heat Exchangers: 
RB-500 
FOB Cost: $381,200 
 This is a shell and tube heat exchanger made of carbon steel which heat and boil fractions of 
the bottoms product of its respective distillation columns so that the material can reenter the column. 
Each has tube length of 20 feet, a triangular-shaped 1.25 inch itch, with tube outside diameter 1 in. It 
have heat transfer area of 18984 ft
2
and  heat duty of 75.4 million BTU/hr. 
RB-501  
FOB Cost: $238,100 
 This is a shell and tube heat exchanger made of carbon steel which heat and boil fractions of 
the bottoms product of its respective distillation columns so that the material can reenter the column. 
Each has tube length of 20 feet, a triangular-shaped 1.25 inch itch, with tube outside diameter 1 in. It 
have heat transfer area of 11149 ft
2
and  heat duty of 44.5 million BTU/hr. 
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RB-502 
FOB Cost: $313,700 
 This is a shell and tube heat exchanger made of carbon steel which heat and boil fractions of 
the bottoms product of its respective distillation columns so that the material can reenter the column. 
Each has tube length of 20 feet, a triangular-shaped 1.25 inch itch, with tube outside diameter 1 in. It 
have heat transfer area of 15247 ft
2
and  heat duty of 146.8 million BTU/hr. 
RB-503 
FOB Cost: $29,600 
 This is a shell and tube heat exchanger made of carbon steel which heat and boil fractions of 
the bottoms product of its respective distillation columns so that the material can reenter the column. 
Each has tube length of 20 feet, a triangular-shaped 1.25 inch itch, with tube outside diameter 1 in. It 
have heat transfer area of 998 ft
2
and  heat duty of 16.5 million BTU/hr.. 
CND-500 
 This is a shell and tube heat exchanger made of carbon steel which condenses fractions of the 
distillate of its respective distillation column so that the material can reenter the column. Each has 
tube length of 20 feet, a triangular-shaped 1.25 inch itch, with tube outside diameter 1 in. It has heat 
transfer area of 1639 ft
2
. 
CND-501 
 This is a shell and tube heat exchanger made of carbon steel which condenses fractions of the 
distillate of its respective distillation column so that the material can reenter the column. Each has 
tube length of 20 feet, a triangular-shaped 1.25 inch itch, with tube outside diameter 1 in. It has heat 
transfer area of 1585 ft
2
. 
CND-502 
 This is a shell and tube heat exchanger made of carbon steel which condenses fractions of the 
distillate of its respective distillation column so that the material can reenter the column. Each has 
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tube length of 20 feet, a triangular-shaped 1.25 inch itch, with tube outside diameter 1 in. It has heat 
transfer area of 13760 ft
2
. 
 
CND-503 
 This is a shell and tube heat exchanger made of carbon steel which condenses fractions of the 
distillate of its respective distillation column so that the material can reenter the column. Each has 
tube length of 20 feet, a triangular-shaped 1.25 inch itch, with tube outside diameter 1 in. It has heat 
transfer area of 18473 ft
2
. 
Columns 
DC-500 
FOB Cost: $528,900 
 This is a distillation tower separating toluene in the light key from para-xylene in the heavy 
key. The distillate is sent to transalkylation for further conversion, while the bottoms is further 
distilled to isolate xylenes. The tower has tangent-to-tangent height 68 feet and diameter 16.5 feet, in 
included 28 trays spaced 2 feet apart. The column operates with a reflux ratio of 0.809, is fed on tray 
15, and has an average tray efficiency 0.58. The operating temperature is 296 degrees Fahrenheit. 
96% of the light key and 8% of the heavy key were recovered in the distillate. 
DC-501 
FOB Cost: $458,000 
 This is a distillation tower separating xylenes in the light key from isopropylbenzene in the 
heavy key. The distillate is sent to crystallization for further para-xylene isolation, while the bottoms 
is burned in the furnace. The tower has tangent-to-tangent height 94 feet and diameter 12.5 feet, in 
included 41 trays spaced 2 feet apart. The column operates with a reflux ratio of 3.0, is fed on tray 
16, and has an average tray efficiency 0.64. The operating temperature is 332 degrees Fahrenheit. 
96% of the light key and 17% of the light key were recovered in the distillate. 
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DC-502 
FOB Cost: $580,000 
 This is a distillation tower separating benzene in the light key from toluene in the heavy key. 
The distillate is sent to column DC-503 to isolate benzene, while the bottoms is recycled for further 
recovery of xylenes. The tower has tangent-to-tangent height 48 feet and diameter 22.5 feet, in 
included 18 trays spaced 2 feet apart. The column operates with a reflux ratio of 12, is fed on stage 
15, and has an average tray efficiency 0.56. The operating temperature is 239 degrees Fahrenheit. 
98% of the light key and 1% of the heavy key were recovered in the distillate. 
DC-503 
FOB Cost: $117,600   
This is a distillation tower separating alkanes in the light key from benzene in the heavy key. 
The distillate is burned in the furnace, while the bottoms sold for profit. The tower has tangent-to-
tangent height 48 feet and diameter 22.5 feet, in included 18 trays spaced 2 feet apart. The column 
operates with a reflux ratio of 3, is fed on stage 16, and has an average tray efficiency 0.49. The 
operating temperature is 176 degrees Fahrenheit. 99% of the light key and 4% of the light key were 
recovered in the distillate. 
Drums: 
AD-500 
FOB Cost: $27,700  
 This is a carbon steel horizontal drum which handles the accumulated condensate from the 
condenser of the column. It has a volume of 3022 gallons and diameter of 17 feet. 
AD-501 
FOB Cost: $35,100 
 This is a carbon steel horizontal drum which handles the accumulated condensate from the 
condenser of the column. It has a volume of 5089 gallons and diameter of 20.5 feet. 
AD-502 
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FOB Cost: $51,600  
 This is a carbon steel horizontal drum which handles the accumulated condensate from the 
condenser of the column. It has a volume of 13326 gallons and diameter of 28 feet. 
AD-503 
FOB Cost: $18,700 
 This is a carbon steel horizontal drum which handles the accumulated condensate from the 
condenser of the column. It has a volume of 1128 gallons and diameter of 12 feet. 
Section 600: Transalkylation 
Pumps 
P-601 
FOB Cost: $54,200 
 This is a centrifugal carbon steel pump which pumps sorbitol solution from heat exchanger 
HX-601 to mixer MIX-502. It operates at 182 degrees Fahrenheit and moves 85780 lb/hrr of fluid 
with density 48.5 lb/ft
3
. The pump generates a pressure increase of 2psi to combat frictional losses. 
The pump head is 5.9 feet. The pump uses 0.67kW of electricity and generates 0.89hp of brake 
power operating at 72.2% efficiency. These properties were determined using ASPEN for the 
specified 2psi pressure increase. 
Heat Exchangers 
HX-600 
FOB Cost: $541,900 
 This is a shell and tube heat exchanger made of 304 stainless steel. It heats 214922 lb/hr of 
toluene-rich distillate from DC-500 from 209 to 850 degrees Fahrenheit using molten salt. It 
transfers a heat duty of 71.35 million BTU/hr. It is 20ft long. The above was calculated by ASPEN 
based on the specified outlet temperature of the sorbitol necessary for condensation. 
HX-601 
FOB Cost: $119,400 
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 This is a shell and tube heat exchanger made of carbon steel. It cools 2406 lb/hr 
transalkylation product from 352 to 182 degrees Fahrenheit using 568330 lb/hr of cooling water 
heated from 90 to 120 Fahrenheit. It transfers a heat duty of 18.59 million BTU/hr over 1536 ft
2
 of 
heat transfer area and was designed assuming an overall heat coefficient of 80 BTU/hr-ft
2
-
o
F. It is 
20ft long. The above was calculated by ASPEN based on the assumed overall heat transfer 
coefficient, a specified minimum temperature approach of 50 degrees Fahrenheit, and a specified hot 
stream outlet temperature of 182 degrees Fahrenheit, suitable for entry into DC-502. 
Reactors 
R-600 
FOB Cost: $567,800 
 This is a low alloy steel packed-bed catalytic reactor that hosts the transalkylation reaction, 
converting toluene into saleable para-xylene and benzene. The reactor handles 214922 pounds of 
feed per hour and operates at a temperature of 850 degrees Fahrenheit. It has a volume of 9254 
gallons, of which 6477 gallons is working volume. It is 28 feet tall and 7.5 feet in diameter. 
CAT-600 
Purchase Cost, including Lifetime Reloading: $6,065,700 
Transalkylation is catalyzed by zeolite catalyst, similar to the catalyzed condensation. In 
Example 2 of US Patent 6323381, a “selectivated large crystal HZSM-5 was used.” This catalyst has 
a Si/Al ratio of 70 to 1.  Although no further specifics were given, the catalyst was assumed similar 
enough to the condensation catalyst that both could be ordered together in order to achieve 
economies of scale. Information and assumptions applied to pricing for the condensation catalyst 
were also applied to the transalkylation catalyst. To make up for the relatively rapid deactivation of 
the catalyst it possible to add a column of new catalyst to continuously pump catalyst into the reactor 
while filtering out older catalyst. 
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 To calculate the same costs of the catalyst market pricing for H4SiO4 and Na2AlO2were used.  
Using the data given in the patent, and the assumption that the feed was 100% toluene a WHSV of 
5.2 hr
-1
 was determined. Using this value for WHSV and the known amount of feed to the reactor, 
the amount of catalyst needed was determined to be 12.6 million grams of catalyst per charge. From 
this, it is known that to achieve a 30 to 1 ration of Si to Al which implies that a ratio of 70:1 of 
H4SiO4: Na2AlO2 is needed to achieve this goal. So to determine the overall pricing of the catalyst, 
12.6 million was multiplied by 70/71 and the market price of H4SiO4 per gram and added to 12.6 
million multiplied by 1/71 and the market price of Na2AlO2 per gram. This yields a value of $0.25 
million per charge. It was then assumed to have a discount to 25% for bulk pricing options which 
gives a value of $0.06 million per charge. 
The estimated deactivation of the catalyst, 13.29 grams/lbmol reactant was used to determine 
the deactivation of the catalyst. Since the flow rate of the reactant is known to determine the amount 
of deactivated catalyst in an hour the hourly lbmol flow rate is multiplied by 13.29. This yields a 
result of grams of deactivated catalyst per hour. The hourly deactivation of catalyst is 20,883 grams 
per hour. The price of the hourly deactivated catalyst is determined via the same process as before 
and this value is multiplied by 24 hours and 365 days to get a yearly cost. The cost was determined 
to be $3.67 million and with the discount 25% bulk pricing $0.92 million. See calculation SC-C04. 
 
Section 700: Furnace & Heating Cycles 
Storage Tanks 
ST-700 
FOB Cost: $719,833 
 
            ST-700 is a spherical pressure vessel for the storage of Dowtherm A, as part of the 
Dowtherm A heating cycle. To store 532,000 pounds of Dowtherm A with a residence time of six 
minutes and a capacity usage of 70%, a tank volume of 124,000 gallons is required. Low-alloy steel 
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is an appropriate material since the heating fluid is stored saturated at 698
0
F and 93.69 psia. See SC-
701 for volume and pricing calculations for storage vessels.  
ST-701 
FOB Cost: $658,751 
 
           This unit is a cone-roof tank for the storage of Solar Salt, as part of the molten salt heating 
cycle. With a suggested residence time of six hours and capacity usage of 70%, the tank has a 
volume of 639,300 gallons. The heating fluid is stored at 900
0
F and 3 psig. Due to the high operating 
temperature, the tank must be constructed from stainless steel. See SC-701 for calculations.  
Furnaces 
FRN-700 
FOB Cost: $3,253,196 
 
           This unit is a stainless steel molten salt fired heater, which provides the heat for the molten 
salt heating cycle. An inlet stream of molten salt, S-723, absorbs 62 MBtu/h from this furnace and 
increases 200 degrees in temperature to 1100
0
F. This temperature rise is suggested by the materials 
specifications for Solar Salt (Appendix D) and 900
0
F is selected as the lower bound because it is the 
lowest temperature that does not violate the requirements of HX-600. Heuristic 26 of PPDP suggests 
a minimum approach temperature for fired heaters of flue temperature 250
0
F above inlet. Therefore, 
the air intake (S-705) is adjusted to 26,000 lbmol/h such that the flue gas (S-706) exits at 1150
0
F. 
Fortunately, this temperature is below the maximum and above the minimum suggested by PPDP 
Heuristic 30, which allows complete combustion and avoids any condensation. However, the 
extreme conditions require stainless steel, rather than carbon steel. The furnace operates at 
atmospheric pressure. See SC-702 for pricing calculations. 
FRN -701, FRN -702 
FOB Cost: $5,186,584 
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           About 532 MBtu/h of Dowtherm A latent heat is required to heat the condensation inlet 
stream, S-405, to 698
0
F. Since the upper limit of heat transfer on commercial fired heaters is 340 
MBtu/h (p.482, PPDP), two Dowtherm A furnaces are required for this phase-change process. 
Although close to the upper limit, carbon steel furnaces are acceptable in this range of operating 
temperatures (Appendix 23, PPDP). Again following Heuristic 26 of PPDP, an air intake of about 
135,000 lbmol/h is specified to ensure the flue gas leaves at 1000
0
F. The furnaces operate at 
atmospheric pressure. See SC-702 for pricing calculations. 
FRN -703 
FOB Cost: $1,495,615 
 
           This carbon steel steam boiler provides the steam for heating units RB-500, RB-501, RB-502, 
RB-503, HX-301, and WC-500. The total energy required from this steam is 319 MBtu/h, and it is 
provided by evaporating and condensing water from stream S-526. The furnace operates at 405
0
F 
and 260 psig in order to provide steam at the pressure required for HX-301, which is the maximum. 
An air flow rate of 290,000 lbmol/h sets the flue gas exit temperature at about 500
0
F, which satisfies 
Heuristic 26 (PPDP). See SC-702 for pricing calculations. 
Pumps 
P-700, P-701 
FOB Cost: $481,700 
 This is a centrifugal pump Dowtherm A loop that operates at a rate of 8517 gpm. The energy 
required is 7.84 kW, given an efficiency of 0.859. This provides 79.13 ft of head with a pressure 
increase of 23.5 psi. This pressure increase was specified to satisfy Heuristic 38, which allows for a 
pressure drop due to liquid flow through 100 ft of pipe; and Heuristic 31, which dictates a 20 psi 
allowance for drop through a furnace and a 1.5 psi drop for phase changes in a heat exchanger 
(PPDP). 
P-702 
FOB Cost: $854,100 
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 This is a centrifugal pump in the Dowtherm A loop that operates at a rate of 16111 gpm. The 
energy required is 29.65 kW, given an efficiency of 0.859. This provides 12.74 ft of head with a 
pressure increase of 4 psi. This pressure increase was specified to satisfy Heuristic 38 (PPDP), which 
allows for a pressure drop due to liquid flow through 100 ft of each of two pipes, after splitting. 
P-703 
FOB Cost: $114,000 
 This is a centrifugal pump in the molten salt loop that operates at a rate of 2599 gpm. The 
energy required is 60.98 kW, given an efficiency of 0.826. This provides 163.80 ft of head with a 
pressure increase of 70.5 psi. This pressure increase was specified to satisfy Heuristics 31 and 38 
(PPDP), while also increasing the flow to operating pressure of 50 psig from 3 psig. Note that 
molten salts are not available in ASPEN and this pump was sized using milk as an estimate since the 
viscosities of milk and Solar Salt are within a few millipoise of each other.  
P-704 
FOB Cost: $94,100 
 This is a centrifugal pump in the molten salt loop that operates at a rate of 2560 gpm. The 
energy required is 2.49 kW, given an efficiency of 0.826. This provides 4.65 ft of head with a 
pressure increase of 2 psi. This pressure increase was specified to satisfy Heuristic 38 (PPDP). Note 
that molten salts are not available in ASPEN and this pump was sized using milk as an estimate 
since the viscosities of milk and Solar Salt are within a few millipoise of each other. 
P-705(IN), P-705(IN)-2 
FOB Cost: $4,500 
 This is a centrifugal pump in the HX-301 steam loop that operates at a rate of 88 gpm. The 
energy required is 0.14 (0.21) kW, given an efficiency of 0.506. This provides 4.68 (7.02) ft of head 
with a pressure increase of 2 psi (3 psi). This pressure increase was specified to satisfy Heuristics 31 
and 38 (PPDP).  
P-706(IN) 
FOB Cost: $5,200 
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 This is a centrifugal pump in the RB-500 steam loop that operates at a rate of 192 gpm. The 
energy required is 0.25 (0.38) kW, given an efficiency of 0.604. This provides 4.68 (7.02) ft of head 
with a pressure increase of 2 psi (3 psi). This pressure increase was specified to satisfy Heuristics 31 
and 38 (PPDP).  
P-707(IN) 
FOB Cost: $4,700 
 This is a centrifugal pump in the RB-501 steam loop that operates at a rate of 118 gpm. The 
energy required is 0.17 (0.26) kW, given an efficiency of 0.545. This provides 4.68 (7.02) ft of head 
with a pressure increase of 2 psi (3 psi). This pressure increase was specified to satisfy Heuristics 31 
and 38 (PPDP). 
P-708(IN) 
FOB Cost: $6,300 
 This is a centrifugal pump in the RB-502 steam loop that operates at a rate of 354 gpm. The 
energy required is 0.47 (0.63) kW, given an efficiency of 0.671. This provides 4.68 (7.02) ft of head 
with a pressure increase of 2 psi (3 psi). This pressure increase was specified to satisfy Heuristics 31 
and 38 (PPDP). 
P-709(IN) 
FOB Cost: $4,300 
 This is a centrifugal pump in the RB-503 steam loop that operates at a rate of 38 gpm. The 
energy required is 0.08 (0.12) kW, given an efficiency of 0.385. This provides 4.68 (7.02) ft of head 
with a pressure increase of 2 psi (3 psi). This pressure increase was specified to satisfy Heuristics 31 
and 38 (PPDP). 
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VII. OTHER CONSIDERATIONS 
Alternate Design Considerations 
Removal of Aqueous Phase Reforming Section 
A major section of this process is based upon Virent Corporation’s aqueous phase reforming 
technology, which is detailed in WO2007/075476-A2 and several other patents. The appeal of the 
aqueous phase reforming technology is that it generates hydrogen in situ for use in hydrogenation, a 
necessary step in getting from oxygenated hydrocarbon to p-xylene. Unfortunately, however, the 
analysis presented herein reveals that APR is quite costly due to the compression needs and exotic 
catalysts. This resulted in consideration of removing the APR section. Doing so would eliminate 
about six process units, $2M in electricity, and over $78M of catalyst technology. The substitute cost 
would be the external purchase of hydrogen. However, purchasing hydrogen from an economical 
source goes hand-in-hand with purchasing it from a non-green source, which goes against the 
purpose of this design. This would not be justified unless savings and impact on NPV were dramatic. 
As it turns out, even removing the entire 300 section of the flowsheet has limited impact on bottom 
line profitability. Although the large capital outlay, much of which is directly traceable to section 
300, contributes to a large negative NPV, the major cost driver is input materials. Therefore, even a 
change as substantial as this is not enough to turn NPV positive (although it should be noted that 
IRR becomes positive, without accounting for the cost of hydrogen).Thus, this design is discarded 
because its benefit is not nearly enough to justify its lack of sustainability.    
Woody Biomass with Three-Phase Hot Water Extraction 
Due to its high per pound cost, corn dry grind was never an attractive feedstock. Of the two 
remaining options, woody biomass was the cheaper raw material. However, two unique processing 
steps were necessary to convert it into usable simple sugars: extraction of the cellulose, and 
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enzymatic cleaving of the ether bonds in the cellulose chains. In contrast, molasses was slightly 
more expensive upfront, but required only the additional clarification step prior to hydrolysis. 
Initially, separating the biomass into its different components, each of which served a different 
purpose, posed a challenge. However, US Patent 5730837 described a unique, one-step sequence 
that generated three phases, each of which contained one of the necessary components. In short, the 
biomass would be heated in a mixture of ketone and water insoluble at room temperature until a 
single-phase solution was obtained. Then, by cooling and/or adding additional water, the three 
phases would separate into three separate phases. The cellulose would remain as solid precipitate to 
filter out and convert enzymatically into simple sugars.. The hemicelluloses and simple sugars would 
remain aqueous, and could be sent for completed breakdown into simple sugars. Finally, the lignin 
would remain in the organic solvent, most of which could be recovered before sending the lignin to 
the furnace to burn. An example of this process is shown in Figure 14 below. 
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Figure 14 
 
Even with this streamlined separation process, the high cost of enzymes required to process 
the cellulose, from which the majority of the sugar for para-xylene production would be derived, 
rendered woody biomass economically inferior to molasses. 
Alternative Separation Scheme 
The separation scheme used for the renewable production of para-xylene can be varied 
drastically. An alternative design is presented in Figure 15 below. Note that the blocks are labeled 
such that the columns in the actual process have the same light and heavy key’s as blocks with the 
same name below (e.g. DC-500 always separates between xylenes and toluene). 
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Figure 15 
 
In this scheme, DC-500 and DC-501 have been switched, meaning the heavy aromatics are 
taken off before the light in the isolation of para-xylene. While certainly possible, this option was not 
pursued because the separation between para-xylene and the next heaviest species, 
isopropylbenzene, in DC-501 is far more difficult and requires a larger column and more stages than 
the xylene/toluene separation in DC-500. It is cheaper to deal with the larger quantity of material in 
the shorter column, DC-500. In addition, because the three phase separator operates at cooler 
temperatures than the distillation columns, it is also cheaper to do the lower-temperature distillation 
(DC-500) first, rather than heating to the higher temperature and then cooling again. 
In this scheme, DC-502 and DC-503 have also been switched. This decision can be made 
independently of the order of DC-500 and DC-501. In this case, the pentane separation is easier, and, 
all other things being equal, it would be cheaper to drive off the alkanes first, as depicted above. 
However, the transalkylation occurs at temperatures higher than the distillation columns. As such, it 
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is actually cheaper to take off the heavy constituents, xylene and toluene, as they condense, rather 
than to condense everything other than the alkanes and reheat afterwards, as depicted above. 
Invertase-Catalyzed Sucrose Hydrolysis 
In the food industry, the enzyme invertase is commonly used to catalyze the sucrose 
hydrolysis reaction.  It is a proven technology which operates under easily attainable conditions.  
Invertase is added to a 60% sucrose solution and then heated to 60 °C.  Citric acid is then added to 
make the solution have a pH of 4.5.  The invertase takes 12 hours to fully convert the sucrose into 
fructose and glucose. 
However, the prohibiting factor is that invertase costs around $40 per kilogram and a 
kilogram of invertase is required to invert one metric ton of sucrose.  Invertase is also difficult to 
recover from the product.  Because of the high cost, the choice was made to use a zeolite catalyst in 
a fixed bed reactor instead.   
Plant Startup 
Because the hydrogenation section requires a large amount of hydrogen (3655 lbmol per 
hour), a supply of hydrogen will have to be available until the plant can produce enough hydrogen to 
sustain itself through the aqueous phase reforming reaction.  The pressure swing adsorption contains 
a large pressure vessel used to store up to a 21 hour supply of hydrogen.  This storage vessel will be 
able to supply hydrogen for any future plant startups after the first time. 
The furnaces are fired from byproduct gases such as alkanes and aromatics so a supply of 
natural gas will have to be available to fire the furnaces in order to produce process steam and heat 
the Dowtherm A and molten salt.  Additionally, the salt will have to be melted if allowed to solidify.   
On startup, auxiliary heat might have to be provided to several streams since streams farther 
down the process would not be heated to their expected values, causing heat exchangers to operate at 
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non-ideal conditions.  Because the plant utilizes many heat exchangers to preheat and cool streams, 
this could pose a major challenge. 
The aqueous phase separated from the flash vessel in the separation section (SEP-500) is 
used as cooling water for a high temperature stream, so a secondary source of cooling water must be 
provided to operate HX-601.  
Sodium hydroxide is used as a catalyst in the APR reaction, and is recovered through the 
flash vessel after the reaction (F-300), so no additional sodium hydroxide needs to be added after 
startup.  The sodium hydroxide will have to be added into the recycle loop as the plant starts up. 
Environmental Considerations 
The primary impact on the environment is the release of waste carbon dioxide.  The plant 
releases approximately 1.5 million tons per year of carbon dioxide.  In addition, 20,000 tons per year 
of carbon monoxide are released into the atmosphere.  Approximately 10,000 tons per year of 
propane and other alkanes are released as well. 
A 2005 report by the Center for Climate and Energy Solutions reported that the cost to 
sequester carbon dioxide ranged from $30 to $90 per ton of carbon dioxide.  At $30 per ton it would 
cost $45 million per year to sequester all of the carbon released from the plant.  This is clearly an 
expensive option, but it is not unfeasible given the expected $325M/yr revenue. That said, the 
operating margin is currently nowhere near able to support a variable cost of this magnitude.    
The process also requires 40.3 bgal/y of water, or 11.8 bgal/y excluding HX-401. As noted 
earlier, HX-401 is a serious cause for concern, but it will likely be straightforward to discover 
improvements. Ignoring HX-401 for now, the process uses about 4.1 gal water/gal of p-xylene, 
which is higher than the industry benchmark of 3 gal/gal. However, it is close enough to be 
encouraging. In fact, excluding chilled water, the ratio is 3.7 gal/gal. Clearly there is room for 
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improvement in term of cooling water recycle. With a bit of careful consideration – specifically with 
regard to water cooling rates in open air – a zero-discharge plant is well within reach.  
In addition, some organic compounds, mostly naphthalene, 1,2,4-trimethylbenzene, and 
isopropylbenzene, are encountered as waste products from DC-501.  These compounds are currently  
burned in the furnace; however, they could be separated further and sold, although the economics of 
this have not been explored. 
The plant succeeds at producing para-xylene from renewable sources.  The only input to the 
process is molasses.  Cooling water is used extensively, but the plant could easily switch to a closed 
loop cooling water system.   
Process Control 
The process operates at temperatures and pressures provided in specific examples found in 
patents and other relevant literature. Consequently, a narrow acceptable range of operating 
conditions are assumed for all sections of the process and all reactors in particular. Further research 
may reveal a wider range of acceptable operating conditions for some or all process units. However, 
the strategies for control explained within this section should still apply. 
A full analysis of process control requirements, as well as the design of a corresponding 
system, falls beyond the scope of this report. However, the critical elements of the process variables 
to be controlled, as well as potential strategies for controlling these variables, are disclosed. 
Following the additional research recommended by this report, the following concerns should be 
addressed in the next iteration of this process’s design. 
Section 100: Hydrolysis 
The streams and blocks associated with hydrolysis must be controlled such that (a) the 
sucrose feed (S-100) to each hydrolysis reactor (R-100, R-101, and R-102) enters at 212.0 degrees 
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Fahrenheit and 41.1 psia, and (b) the glucose/fructose stream (S-119) is feed to hydrogenation at the 
proper pressure.  
To set pressure, power to the pre-hydrolysis pumps (P-100, P-101, and P-102) and post-
hydrolysis pumps (P-103, P-104, and P-105) will adjusted as necessary in response to readings from 
a pressure sensors, most likely variable capacitance differential pressure transducers.  
The temperature poses a greater challenge, as it results only from the exchange of heat 
between the sucrose feeds (S-104, S-105, and S-106) and the condensation product streams (S-417, 
S-418, S-419).  For mild temperature disturbances, increasing or decreasing the flow rate of the 
condensation product (S-416) would raise or lower (respectively) the temperature of the sucrose 
streams (S-106, S-107, and S-108) exiting the heat exchangers and entering the hydrolysis reactors. 
This control system would require holdup tanks both preceding and following the heat exchangers 
(HX-100, HX-101, and HX-102) in order to ensure no disturbances elsewhere in the process. 
Because cooling water is ultimately used to bring the condensation product to an appropriate 
temperature for separation, the flow rate of the cooling water can be varied to compensate for the 
discrepancies in cooling achieved in the heat exchangers (HX-100, HX-101, and HX-102) as a result 
of these techniques. If severe disturbances are expected, the process will require investment in an 
additional heater and/or cooler to which a fraction of the disturbed stream (S-100) can be diverted. 
Section 200: Hydrogenation 
Successful hydrogenation will rely on proper control of the temperature and pressure of both 
the hydrogen (S-316) and sugar (S-226) feeds to the reactors. Discussion of the hydrogen stream (S-
316) can be found in this section under Aqueous Phase Reforming, below. Pressure of the sugar 
stream (S-119) was set using automated pumps (P-103, P-104, and P-105) discussed under 
Hydrolysis, above. Cooling water (CW-100) in heat exchanger (HX-200) sets the temperature. As 
such, the flow rate of the cooling water (CW-100) can be varied to achieve the desired temperature. 
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Section 300: Aqueous Phase Reforming 
 Although more complex than previous sections, the Aqueous Phase Reforming has only one 
block that requires precise control: the reforming reactor itself (R-300). The feed stream (S-305) 
must enter the reactor at the desired conditions, 360 degrees Fahrenheit and 725 psia. The pressure is 
achieved through a pair of pumps (P-302 and P-300), and power to the latter can be varied based on 
information from a sensor, most likely a variable capacitance differential pressure transducer on the 
second pump’s feed stream (S-303) in order to achieve the desired pressure. Although heat is 
recovered from the hydrogen product stream (S-311) in a heat exchanger located between the pumps 
(HX-300), the temperature of the sorbitol feed (S-305) is ultimately set by a second heat exchanger 
(HX-301) that uses steam (S-727) heated by the furnace as a heat source.  As such, the temperature 
or the flow rate of the steam (S-727) can be varied based on a temperature sensor, most likely a 
thermocouple on the pressurized sorbitol stream (S-304), to achieve the desired temperature. 
 Other streams of direct consequence include the exiting hydrogen (S-316) for hydrogenation 
and exiting sorbitol (S-402) for condensation; the alkanes leaving the separator are simply sent to the 
furnace. After recovering some heat in a first pair of exchangers (HX-300 and HX-400) as well as 
cooling prior to entering the compressor (HX-303 prior to flash drum F-301 and compressor SEP-
300), the outlet temperature of the hydrogen is ultimately set by a final heat exchanger (HX-302) 
which uses cooling water; as such, the flow rate of the cooling water can be varied to control the 
temperature based on information obtained from a temperature sensor, most likely a thermocouple 
on the post-heat-recovery stream (S-315). The sorbitol outlet (S-402) undergoes recovers some heat 
from the hydrogen (S-314 in heat exchanger HX-400) but will undergo much more processing in the 
condensation region of the process before it must be fed to the condensation reactors (R-400, R-401, 
R-402, and R-403). 
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Section 400: Condensation 
 For condensation, feed sorbitol stream (S-407) must enter at the proper conditions, 204 
degrees Fahrenheit and 640 psia. Both the transalkylation product (S-601) and pre-crystallization 
xylenes (S-507), from which heat is recovered via heat exchangers (HX-402 and HX-403), are 
cooled later using either cooling water or chilled water, and can more easily be controlled in those 
later exchangers. The sorbitol feed (S-407) ultimately enters the condensation reactors (R-400, R-
401, R-402, and R-403) at the exit temperature of the final heat exchanger (HX-404), which uses 
Dowtherm A as a hot stream. Since the Dowtherm’s only function is to transfer heat from the 
furnace to the condensation feed, the temperature or flow rate of the Dowtherm can be varied based 
on temperature data from the pre-exchanger (HX-404) sorbitol stream (S-405) collected via sensor, 
most likely a thermocouple. Heat recovery and cooling of the condensation product stream (S-416) 
is discussed in other sections. 
Section 500: Separation 
The separations section of the process requires little control. All separators operate at 
atmospheric pressure, and the transalkylation product (S-604) is cooled in Section 600.The only 
streams requiring control are the crystallization feed (S-520) and initial condensation product (S-
423). The crystallization feed temperature is controlled by changing the flow rate of chilled water 
(CW-502) and ethylene refrigerant through the two pre-crystallization heat-exchangers (HX-501 and 
REF-500) based on temperature data obtained from a sensor, most likely a thermocouple on the pre-
cooling stream (S-520). Similarly, after expansion to near atmospheric pressure, the proper 
temperature for the condensation product (S-423) is achieved by exchanging heat with cooling water 
(CW-400) in a pre-separation heat exchanger (HX-401). If the temperature of the post-heat-recovery 
stream (S-423) varies, either randomly or as a result of the control system described for Section 100, 
the flow rate of the cooling water can be varied to compensate based on information from a 
temperature sensor, most likely a thermocouple, on the pre-cooling stream (S-424). If the flow rate 
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were to vary as a result of the same control scheme, the holdup tank previously discussed in Section 
100 would be used to prevent disturbance in Section 500. 
Following the first three-phase separator (SEP-500), each distillation column (DC-500, DC-
501, DC-502, and DC-503) is designed to operate with feed at the outlet temperature from the 
previous column. The designs are also robust enough that mild variation in the outlet temperatures 
does not dramatically affect the quality of separation. Properties of all streams exiting Section 500 
are controlled elsewhere in the process: the vapor (S-500) from the three-phase separator (SEP-500), 
the heavy aromatics (S-509) from the crystallizer (SEP-501) and the alkanes (S-518) from the 
second post-transalkylation column (DC-503) are burned in the furnace; the distillate (S-512) from 
the first column (DC-500) is heated elsewhere prior to transalkylation; the xylenes-rich distillate (S-
507) from the second column (DC-501) is cooled using heat recovery and chilled water prior to 
crystallization; finally, the benzene in the bottoms (S-519) from the second post-transalkylation 
column (DC-503) and para-xylene (S-510) leaving the crystallizer (SEP-501) are final products 
requiring no further treatment. Look at SC-500 for three-phase separation calculation. 
Section 600: Transalkylation 
 The temperature and pressure of the transalkylation feed (S-600) must be controlled to the 
specified temperature and pressure, 850 degrees Fahrenheit and 150 psia. To achieve these 
conditions, the distillate (S-512) from the first distillation column (DC-500) is heated in a heat 
exchanger (HX-600) using molten-salt (S-723). Since the salt’s only function is to heat the 
transalkylation feed, the temperature or flow rate of the salt can be varied based on information from 
a temperature sensor, most likely a thermocouple on the pre-heating stream (S-512), to achieve the 
desired cold stream (S-600) outlet temperature. 
 The reactor outlet (S-601) must be cooled to an appropriate temperature to reenter the 
distillation columns. This control can be fairly loose, as the column design is robust enough to 
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handle a moderate range of entry conditions. However, if necessary the flow rate of cooling water 
(CW-600) through the final post-transalkylation heat exchanger (HW-601) can be varied to ensure 
an appropriate temperature based on information obtained from a temperature sensor, most likely a 
thermocouple on the post-heat-recovery transalkylation product stream (S-602). 
Section 700: Furnace 
 In Section 700, the outlet temperatures and flow rates of the Dowtherm A (S-719), process 
steam (S-727), and molten salt (S-723) streams must be controlled such that they provide the 
necessary heat duties in other sections of the process. This will rely on data from a variety of 
temperature sensors, most likely thermocouples, placed on the cold stream feeds entering each heat 
exchanger that uses these heating streams. The system will also require thermocouples on each 
exiting stream (S-719, S-723, and S-727) in order to ensure proper exit temperatures. Alternatively 
and more likely, given the high temperatures these streams reach, the flow rates, rather than the 
temperatures, will be controlled in by valves in response to temperature data from the 
thermocouples. 
 In order to control the outlet temperatures, data from the thermocouples will also be sent to 
valves located in the combined waste stream (S-700). These valves will divert the flow of flammable 
waste in order to achieve the required heating duties. A holdup tank within the combined stream (S-
700) will likely be necessary in order to enable the desired level of control over burn rates. In 
addition, this tank may need to have supplemental fuel feeds available to counter unexpected energy 
losses. Overall, this section represents the most complex system of interrelated controls and 
responses in the process; designers should build in as much flexibility as possible in order to enable 
successful operation of control systems implemented elsewhere in the process. 
Safety Considerations 
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Many of the materials used in this process are highly flammable such as hydrocarbons and 
hydrogen. Extreme care must be exercised, despite the lack of oxygen in the feed streams, because 
of the possibility of an explosion caused by a leak. For this reason open flames and sparks should not 
be permitted anywhere near the hydrogenation, condensation, aqueous phase reforming, 
transalkylation and separation processes in particular. Emergency shut-off valves should be installed 
into the process to prevent large scale accidents. Nitrogen should be used to flush pipes of any 
combustible residue when performing catalyst recharge or cleaning. 
In addition to the risks of explosions and fires due to the large amounts of hydrocarbons 
flowing through the system, hydrocarbon gases often present health risks via inhalation. For this 
reason, prolonged exposure to gases should be avoided at all costs. Additionally, risks of incomplete 
combustion within the furnaces could produce carbon monoxide. Carbon monoxide is very 
hazardous as it is both highly flammable and quite deadly if inhaled. Carbon dioxide also poses 
health risks if inhaled in large quantities. For these reasons, contact with the furnace should be 
avoided. 
Many of the reactors are require high temperatures and pressures to react so reactors that can 
withstand intense conditions must be used. For this reason, contact with any of the reactors or heated 
streams should be avoided to prevent burns.  
  São Paolo, Brazil is known for its highly unreliable weather as it can vary drastically from 
day to day. It is also the location of tremendous amounts of rainfall. For this reason much of the 
pipes and equipment should be made of stainless steel to avoid corrosion and rusting particularly if it 
is to be kept outdoors.  
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VIII. PROCESS ECONOMICS 
At a p-xylene price of $0.83/lb, a benzene price of $0.45/lb, and a sugar cane molasses price 
of $0.03/lb, this process is unprofitable, with an ROI of -2.90%. Profitability measures are 
summarized in Figure 16. The inputs leading up to these findings are described in the following 
sections:  overview and materials, equipment cost estimates, utility requirements, cost summaries, 
and cash flows. This section concludes with a series of sensitivity analyses. Although profitability is 
feasible under certain conditions, the primary hurdle is that of overall conversion. Given the already 
optimistic assumptions throughout the process, making this investment is not recommended without 
technological advances. Namely, unless overall conversion can increase from 4.3% to 5.6%, the 
outlay is undesirable. 
Figure 16 
 
Overview & Materials 
Due to the choice of sugar cane molasses as a primary input, the process would be located in 
Brazil. A site factor of 0.85 is chosen as representative of the BRIC countries (Table 22.13, PPDP). 
Allowing for 35 days per year of down time, an operating factor of 0.9041 is selected. Therefore, 
50,505 lb/h of p-xylene is required to achieve the requisite 400,000,000 lb/y. One year is permitted 
for design and for construction. Under the assumption that standard bulk contract pricing applies, 
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prices of $1,818/MT, $1,001/MT, and $60/MT are used for p-xylene, benzene (ICIS), and sugar cane 
molasses. These prices have a large impact on bottom-line profit and tend to fluctuate widely. Their 
impact is examined in the sensitivity analyses.
Section VIII: Process Economics 
199 
 
 
 
 
  
Castillo, Ernst, Lerch, Winchester 
200 
 
Equipment Cost Estimates 
Equipment costs represent a large portion of the overall initial capital investment, totaling 
over $230 million. The largest expenditure categories are catalysts, heat exchange equipment, and 
storage vessels. Most equipment prices are reported according to ASPEN IPE estimates. Catalysts 
are discussed throughout the unit descriptions. Storage vessels, one heat exchanger, and furnaces are 
priced using the equations of Table 22.32 in PPDP – details are reported in the respective sections. 
Figure 17 summarizes equipment expenditure by type. Storage and catalyst are two significant costs 
that should be first priorities for cost reduction. Storage is especially significant because it also 
represents a large opportunity cost (two-thirds of storage vessels are unused for three-quarters of the 
year, for example – see Section 700.  
Figure 17 
 
Note that “hand-priced” equipment was adjusted for the change in the Chemical Engineering 
Cost Index (data from Table 22.6, PPDP), extrapolation shown in Figure 18. Statistically speaking, 
predictive extrapolation is extremely dangerous; however, there was little other choice available. The 
period from 2002-2006 appears to be a “new normal,” and, if this assumption holds, the 
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extrapolation will not be far off the true value. That said, it is likely that the financial events since 
2008 have had a negative impact on the CE growth. Fortunately, this affects a small number of units. 
Figure 18 
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Equipment Cost Summary 
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Equipment Cost Details
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Utility Requirements 
The utility cost for the plant is calculated using prices from Table 23.1 of PPDP, and the utility 
requirements as derived from ASPEN or as calculated according to various heating requirements. 
More information on utilities can be found in Section IV: Energy Balance.    
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Cost Summaries 
Variable costs, working capital, fixed costs, and investment requirements are taken according 
to specifications in PPDP Table 23.1. 
Working capital is taken to include four days of p-xylene inventory and 24 days of raw 
materials (four tanks of residence time six days not in use at any given time during peak production 
season). 
Direct operating expenses total just over $7,000,000 per year, over 83% of which stems from 
wages and benefits. These wages and benefits are based on the operator wage of $35/h, which was 
fair in the United States in 2006, and still applies today in Brazil. The number of operators is 
determined from recommendations in Table 23.3 PPDP. The process has seven main sections, six of 
which are continuous fluids and one of which involves some solids handling. Therefore, at a scale of 
610 tons per operating day, the recommended number of operators on-hand is 16: two for each fluids 
portion and four for the separations section that involves solids. This amounts to $6.7M per annum 
in wages, salary, and benefits. 
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Variable Cost Summary 
 
Working Capital 
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Fixed Cost Summary  
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Investment Summary 
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Cash Flows 
The most important features of the cash flow summary in this instance are the initial capital 
costs, the year of positive cash flow, and the ultimate NPV. The summary shows that, although the 
process becomes profitable in year seven of operation, the small cash flows (~$6M) never fully 
compensate for the large initial capital outlay, $288M. Ultimately, at a discount rate of 15%, which 
is conservative, the net present value of the process is $(196,282,500). This investment is not 
recommended under the given assumptions. 
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Sensitivity Analyses 
The most significant and the most variable cost and revenue drivers should always be 
examined for bottom-line impact, in order to be prepared for different operating scenarios. Key cost 
drivers of this process include the cost of sugar cane molasses, the price of electricity, the price of 
catalyst, and the overall conversion rate of molasses to p-xylene. Key revenue drivers include the 
price of p-xylene and the price of benzene. 
IRR sensitivity tables are shown for product price against variable costs (Figure 19), fixed 
costs (Figure 20), and total permanent investment (Figure 21). These are rather generic measures 
intended to demonstrate the robustness of the assumptions detailed heretofore.  Price fluctuations are 
taken at ±10%, which is reasonable given para-xylene’s recent performance and which is well within 
the norm of commodities markets.  
More incisive sensitivity analyses are summarized in a Strauss plot, Figure 22 (Fig. 9-14, 
Perry’s). 
Figure 19 
 
This figure demonstrates relationship between product price (±10%) and variable cost 
(±10%). If product price were to increase any amount while variable cost either decreased or stayed 
constant, positive IRR would be achievable.  
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Figure 20 
 
This figure demonstrates relationship between product price (±10%) and fixed cost (±25%). 
If product price were to increase any amount while fixed cost either decreased or stayed constant, 
positive IRR would be achievable.  
Figure 21 
  
This figure demonstrates relationship between product price (±10%) and total permanent 
investment (±50%). If product price were to increase any amount while TPI either decreased or 
stayed constant, positive IRR would be achievable.  
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Figure 22 
 
This Strauss plot shows what percent change of which inputs would result in positive NPV. 
Notice, for example, that the effect of catalyst price is shown to be minimal at small price changes; 
however, if it increases to its full potential (see Catalyst), a 300% change, the effect could be 
devastating on profitability. It is clear that focus areas for improvement – those where positive NPV 
seems even feasible – should be the price of sugar cane molasses, the price of para-xylene, and the 
overall process conversion. Since the former two cannot be controlled, the best one can do is hedge 
against price fluctuations with futures contracts. Since the later is directly related to technological 
improvements, it makes sense to invest heavily in improving the overall process conversion. A 23% 
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increase in conversion – from the current 4.28% to a hopeful 5.55% - would achieve breakeven. 
Incremental improvements above 5.55% overall conversion result in strongly positive NPV. This 
conversion is a clear and attainable goal, which would serve as a “green light” for the investment, if 
demonstrable.  
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IX. CONCLUSION & RECOMMENDATIONS 
Conclusion 
At a para-xylene price of $0.83 per pound, a benzene price of $0.45 per pound, and a price 
for sugar cane molasses of $0.03 per pound, the renewable production of para-xylene is unprofitable, 
and earns a negative 2.90% return on investment (ROI). Furthermore, the net present value (NPV) 
of this project at a discount rate of 15% is a negative $196 million. This results from two facts. First, 
the process requires an initial investment of $309 million; this is difficult to recover given the time 
value of money. Second, while the process ultimately becomes cash flow positive, this only occurs 
after six years of operation, and expected yearly profits are only $6 million. These conclusions were 
reached using conservative assumptions; as such, construction of the process should not proceed. 
 However, the three key factors merit further research. The market for para-xylene still 
represents a great opportunity due to steadily growing demand, both renewable and in general (see 
Market Analysis). New findings in any of the three areas below would mitigate the low annual 
profits and possibly the high initial investment. The project could then proceed to a more rigorous 
design. 
Recommendations 
Recommendation 1: Reactor Yields 
Overall, 23.38 pounds or molasses are consumed for every pound of para-xylene produced. This 
is a direct consequence of yields in the Aqueous Phase Reforming (APR) and Condensation sections 
(300 and 400, respectively) of the process. Even after recycling unconverted sorbitol, only 1.25% of 
sorbitol mass consumed by the APR is produced as hydrogen; the remainder consists of light 
hydrocarbons, which can be burned, and a major fraction of carbon-dioxide, which must simply be 
vented. In addition, only 8.27% of sorbitol consumed by the condensation reactions is produced as 
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para-xylene. Even increasing this yield by 27% via transalkylation results in only a 10.5% overall 
yield through the condensation and transalkylation combined. 
However, these figures were conservatively restricted to specific examples found in patents and 
other relevant literature. Conditions in the aqueous phase reforming can likely be tailored to ensure 
full conversion of the leftover hydrocarbons to carbon dioxide and hydrogen; this would decrease the 
amount of additional feed required to supply hydrogen to the process. It is even more likely that the 
condensation reaction can be modified to generate a higher yield of para-xylene (currently only 
obtained in 46% of its theoretical yield). If both sections were to produce 100% of their theoretical 
hydrogen and para-xylene yields, the process would require 59.5% less molasses and save $167 
million in raw materials costs every year. Decreasing the molasses costs by 23.2% of this 59.5%, 
which corresponds to increasing yields by 30% out of a potential 247%, causes the process to break 
even; any further advancement and the process returns a positive ROI and NPV.  
Recommendation 2: Catalysts 
The hydrolysis, hydrogenation, aqueous phase reforming, condensation, and transalkylation 
each require a substantial amount of zeolite catalyst. For most of these sections, no suitable catalysts 
were available for purchase. Instead, the process accounts for raw materials and manufacturing costs 
to provide the necessary catalysts. Following the advice of Professor Fabiano, we evaluated the 
process for three scenarios: raw material prices are not substantially lower in bulk than small 
quantities; raw material prices drop by 50% when purchased in bulk, and raw material prices drop by 
25% when purchased in bulk. Due to the high cost of the raw materials, the process was modeled 
using the 25% price. Even so, the purchase and maintenance of the necessary amount of catalyst in 
perpetuity has a negative NPV of $117.6 million.  
Further market and laboratory research is required to validate these pricing assumptions. It is 
possible that in large quantities the raw materials cost less than assumed, but the catalyst could also 
Section IX: Conclusion & Recommendations 
223 
 
cost significantly more. In the event that reactor yields can be improved, the catalyst costs must be 
accurately estimated in order to ensure economic viability of the project. 
If catalyst costs prove to be the deciding prohibitive factor, research into alternative catalyst 
systems based on cheaper raw materials may be merited. Such research, if fruitful, would be 
beneficial regardless of whether the renewable production of para-xylene was ultimately deemed 
economically viable. If the process is to be constructed, the cheaper catalyst system would provide a 
source of sustained competitive advantage. If not, the catalyst technology could be licensed to 
incumbent producers of para-xylene, who no doubt also suffer from the high cost of their catalysts. 
Recommendation 3: Plant Acquisition and Reconstruction 
Even at low yields and high catalyst costs, the process ultimately generates $6 million in 
profit per annum. However, this still represents a negative ROI and NPV due to the high amount of 
initial investment necessary for this process. However, offsetting this cost would make the process 
profitable as modeled in this report. One way to offset this cost would be the purchase and 
repurposing of a similar plant. Condensation and transalkylation are fairly common practices in the 
field, and it may be possible to acquire a facility with these capabilities already constructed. 
Alternatively, the manufacture of sugar alcohols from biofuel materials as well as the production of 
hydrogen via aqueous phase reforming are also reasonably common practices, either in separate or 
combined plants. If available at a low price, purchasing an unwanted plant with one of these subset 
of capabilities, then constructing the remaining sections of the plant necessary, could represent a 
cheaper initial investment than construction from scratch. 
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XII. APPENDICES 
Appendix A: Problem Statement 
Renewable Para-Xylene 
The international demand for xylene isomers continues to increase steadily, with p-xylene in high 
demand  as a key raw material in the bottling, packaging, materials, and fiber industries. 
Climate   change,   dwindling  petroleum  resources,  a  desire  for  energy independence, and 
consumer behavior are driving significant research and investment into the development of 
technologies that reduce energy consumption, improve efficiency, and produce chemicals and 
fuels from renewable resources. The disposition of  agricultural resources and production to 
support both this transition from fossil to renewable fuels, while providing food to meet the 
demands of the increasing global population, is a source of  controversy  and  significant  
discussion. Additionally,  several  beverage  makers  are actively  seeking a plant-based route to 
plastics for their product packaging, to actively demonstrate their commitment to sustainability 
and the global environment. 
 
Through its research efforts, your company has developed new and innovative technology to  
convert  biomass-derived  material  into  para-xylene,  as  an  alternative  to  traditional production 
routes.  Because the material from this innovative catalytic technology has the same composition 
as traditional petroleum-based para-xylene, it can be used directly in current manufacturing 
processes, or blended with conventional petroleum-based material, and distributed through 
existing supply chains without equipment modifications or separate shipping containers.   In its 
current state, this technology is flexible to be  optimized and modified  to  convert  multiple  
renewable  feedstocks  to  para-xylene,  using  a  patented catalytic process to convert the plant-
based sugars into monomer.  In laboratory and pilot- scale testing, the technology has proven to be 
equally flexible with respect to potential raw materials, and able to  accommodate a varying range 
of feed materials from glucose and sucrose (derived from sugar crops),  starches, glycerol, 
polymers of glucose contained in cellulose (plant-cell walls), and longer chain C5  and C6  sugars 
(such as those contained in hemi-cellulose).  Your company’s product trials show that the p-xylene 
produced using this technology  is  suitable  for  conversion  into  the  polyethylene  terephthalate  
(PET)  raw material, purified terephthalic acid. 
 
Your team has been assembled to design the first commercial facility, and to identify the optimal 
raw material to demonstrate the commercial viability of this new technology, using assumptions 
identified by your research and business directors.  Your directors agree that the biomass options 
for this first facility should be limited to woody biomass, sugar cane, and corn grain.  It's expected 
that woody biomass can be converted to sugars using standard enzymatic technology developed for 
the corn and cellulosic ethanol industry and available from industrial  enzyme  suppliers. 
However,  they  have  concerns  that  the  additional investment necessary for pre-treatment and 
enzymatic conversion of the biomass to sugars may restrict the economic viability of the 
innovation. 
 
Your company recently acquired both corn dry-grind and sugar-cane ethanol facilities, in an 
effort to proactively provide access to the necessary raw material supplies (corn grain and sugar 
cane) at market pricing.  These facilities are in Nebraska (U.S.) and in the Sao Paolo region of 
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Brazil, respectively.  Partnership discussions for woody biomass supply, in the Pacific 
Northwestern region of the United States, are currently in progress. This material is 
expected to be available in Washington State, and in the form of mill residue (but also land  
clearing debris and forest thinnings). Sugar supply from the dry mill is expected to be typical of 
that currently used to supply fuel-ethanol fermentations, while the Brazilian  facility   will  supply  
molasses  and  cane  juice  at  standard  cane  industry concentrations. In addition to raw 
material economics, your team will need to consider carefully the advantages, disadvantages, 
potential obstacles, and restrictions for each sugar supply option when making its selection; e.g.,  
the sugar-cane crushing season in Brazil is 8-9 months long.  Current market pricing is to be 
expected for all raw materials, utilities, and product, regardless of location. 
 
A key point of the Directors’ interest involves the potential similarities and differences between 
facilities using woody biomass compared to molasses and cane juice, and sugar liberated from 
corn grain, including but not limited to, capital investment, overall process sustainability, and 
profitability. Your business director  has determined that the process facilities  and  equipment  
should  produce  at  a  400  MMlb  per  year  capacity,  using  the technology documented in the 
patents, patent applications, and references listed below as an initial basis.   Your para-xylene 
product must meet the minimum industry purity and quality  standards for polymer intermediate 
grade material, as the expected end use is in bio-PET production.   Given the recent volatility of 
petroleum markets and pricing, your marketing organization is unsure if this  material will be 
able to command any premium above market pricing.  Therefore, your business director believes 
sensitivity analyses are necessary to understand the potential exposure to market fluctuations, and 
any benefit that a market premium could provide. 
 
This technology has potential use in the U. S. Corn Belt, where water is an extremely limited 
resource and a large area of concern for any potential plant site. Therefore, your plant and 
process design will need to use the minimum amount of water necessary for the technology, with 
the goal of being a zero-discharge plant (meaning that all process water is recycled within the 
plant).   The current benchmark  for total water use in a fuel-ethanol plant is about 3 gal/gal of 
product, and you should strive to meet or exceed this benchmark, regardless of raw biomass source. 
 
Your plant  design  should  be  as  environmentally  friendly  as  possible,  and  satisfy  the 
required state and federal emissions legislation.  It is expected that the facility will include 
emission-control equipment as a part of the process design.  Recover and recycle process 
materials  to  the  maximum  economic  extent.   Also,  energy  consumption  should  be 
minimized, to the extent economically justified.   Your plant  design  must be controllable and safe 
to operate. As the process technology integration and design team,  you will participate in the 
start-up and will have to live with any of your poor design decisions. 
 
Undoubtedly, you  will  need  additional  data  beyond  that  given  here  and  listed  in  the 
references below.  Cite any literature data used.  If required, make reasonable assumptions, state 
them, and identify whether your design or economics are sensitive to the assumptions you have 
made. 
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Appendix B: Sample Calculations 
SC-000: Molasses Storage Requirements 
The basic requirements for molasses storage are as follows: 1) molasses must be supplied at 
1.245 Mlb/h, 2) there must be enough storage capacity to last three months, or 2208 h without 
replenishment, and 3) no one tank can exceed 20,000,000 gal. Additionally, given that the capacity 
should be within a “reasonable” range, the residence time is the key (least specified) variable of 
design. Vessel prices are estimated according to PPDP Table 22.32, with adjustments for the CE 
index change, CE. The residence time is specified at six days, to permit active usage of five tanks at a 
time with once monthly deliveries. 
 Equations 
   
  
      
;          
     (CS spherical , 0-30psig)  
 Example  
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SC-500: Three Phase Separation 
 
SC-501: Crystallization Utilities 
The crystallizer must remove 2,293,914.1 BTU per hour in order to chill the mixed xylenes 
to -22 °F from 60°F.  Additionally, the crystallizer requires 69.347 BTU per pound p-xylene to 
account for the latent heat of crystallization, and with 50,321.7 pounds per hour p-xylene product.  
This means 3,489,658.93 BTU per hour is required to crystallize the p-xylene.  Therefore a total of 
5,783,573.03 BTU per hour of refrigeration is used by the crystallizer unit. 
At a cost of $10.867 per million BTU of heat removed for -90°F refrigerant, the total 
crystallization utilities are $62.85 per hour, or about $500,000 per year. 
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SC-700: Combustion Energy Availability 
The amount of energy available from combustion is estimated from the flow rates and 
enthalpies of combustion of the major by-product species. Although there are many more 
hydrocarbon species in the process output, the light alkanes alone provide enough energy to cover 
the steam utility requirements. Therefore, this brief calculation (results tabulated in Figure 23) lends 
confidence to the notion that no outside steam would be necessary during normal operation.  
 Equations 
              
Figure 23 
 
Section XII: Appendices 
237 
 
SC-701: Sizing and Pricing for Heating Fluid Storage Vessels 
The amount of heating fluid required is directly related to the net duty and the storage vessel 
residence. Net duties (Q) are calculated from ASPEN – these in turn are converted to mass flow rates 
via latent heat information (ΔH). The residence time (τ) for a storage vessel is a key determinant of 
how much fluid is required to be purchased up front. τ are chosen from recommendations or from 
the literature specifications. Capacity utilization (u) was taken at a conservative 70% for these units.  
Vessel prices are estimated according to PPDP Table 22.32, with adjustments for materials (FM) 
according to PPDP p.580. The CE index change is accounted for by the multiplicative factor, CE. 
Equations for all cases and an example calculation for Dowtherm A (ST-700), are shown below.  
 Equations 
   
 
  
   
  
 
 ;        
     (CS cone roof);       
     (CS spherical, 30-200 psig);    
         
 Example 
 Q = 532 MBtu/h,        
     102 Btu/lb, τ = 0.1 h, u = 70%, P = 94 psig, low-alloy 
         
 
       
   
     
    
 
    
                           
   
   
          . 
SC-702: Pricing of Fired Heaters 
Fired heaters are priced using Table 22.32 of PPDP and the desired heat duties, Q. The equations for 
all cases and an example for the molten salt heater are provided below. One source of concern is that 
the specified duties for the Dowtherm A and the steam boiler significantly exceed the specified 
range for the given equations. Prices were adjusted for the chemical engineering index and the 
material chosen.  
Equations 
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     (molten salt);          
     (Dowtherm A);          
    (CS 
reboiler, P <20 atm);          
 Example 
 Q = 62 MBtu/h, molten salt, stainless steel 
                
                                      
   
   
            . 
SC-U00: Heating Fluid Requirements and Costs 
Heat duties from ASPEN (Q) and materials information from the supplier (P, ΔHvap) 
Appendix D provides the necessary information for these calculations, given a specified or assumed 
residence time (τ).   
Equations 
      ,   
  
Δ    
 (condensing),   
  
 Δ 
 (simple),       
 Example 
 Q = 532 MBtu/h, condensing, Δ         
    =101Btu/lb, τ = 0.10 h,    = $7.13/lb  
   
       
   
              lb                           . 
SC-U01: Utility Savings Calculations 
Utilities savings were calculated in two steps: 1) baseline utility requirements and 2) calculation of 
differential savings from substitution. From ASPEN, unit heat duties and temperatures are used to 
specify what utility is necessary, and how much. Pricing for baseline requirements is done using 
Table 23.1 in PPDP. Given the baseline, appropriate substitutes are sought from the process excess 
production, by-products, or integration opportunities. The substitutes are also priced according to 
Table 23.1. After annualizing, the difference in cost between baseline and substitute is the savings.  
An example is shown for steam, but an analogous procedure was followed for cooling and boiler 
feed water. Results for steam are shown in Figure 24. 
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Equations 
    
  
Δ    
 (condensing)        
 Example: RB-500 
Given Q = 75.4 MBtu/h, T = 296
0
F; Found P
s
= 126 psig (X-Eng Tables), Δ         
    
=875 Btu/lb; Assumed    = $4.80/1000 lb (Table 23.1, PPDP) 
    
        
   
        lb/h                               /yr. 
Substituting boiler feed water:            /1000 gal. Ignoring density changes as function 
of temperature,   
  
 
 
      
    
             kgal/yr                
         
Savings: $3.13M - $0.15M = $2.99M/yr 
Figure 24 
 
SC-C00 
WHSV = mass of reactant fed per hour / mass catalyst = 13.5/7 ≈ 1.93 hr-1  
Mass of catalyst needed = 625000*453.6/1.93 = 147,000,000 grams of catalyst 
Price of catalyst = 12/16 * 1.47E8 * price of H4SiO4 per gram + 1/16 * 1.47E8 * price of Na2AlO2 
per gram + 3/16 * 1.47E8 * price of (NH4)2SiF6 per gram = $2.49 million *0.25 = $0.62 million 
Mass of deactivated catalyst per hour = 13.29 * 1818.58 = 24,169 grams. 
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Yearly price = (12/16 * 24,169 * price of H4SiO4 per gram + 1/16 * 24,169 * price of Na2AlO2 per 
gram + 3/16 * 24,169 * price of (NH4)2SiF6 per gram)* 24 * 365 = $3.52 million * 0.25 = $0.88 
million 
SC-C01 
“VHSV” = 300/40 = 7.5 
SUF = 17378.7*28.3/0.04/7.5 = 1640368.8 
Toluene scale up = 300 * SUF = 492.11 million ml 
Ruthenium (III) Acetylacetonate scale up = 2.907 * SUF = 4.77 million grams 
Al2O3 scale up = 73 * SUF = 119.75 million grams 
Price = Toluene scale up * Toluene density * Toluene price + Ruthenium (III) Acetyl Acetonate 
scale up * Ruthenium (III) Acetyl Acetonate price + Al2O3 scale up * Al2O3 price = $229.7 million 
*0.25 = $57.4 million 
Ruthenium (III) Acetyl Acetonate wt% = 101/398 = 0.254 
Mass of Ru in Ruthenium (III) Acetyl Acetonate scale up = Ruthenium (III) Acetyl Acetonate scale 
up * 0.254 = 1.21 million grams 
Mass of catalyst needed = Mass of Ru in Ruthenium (III) Acetyl Acetonate scale up / 0.05 = 24.2 
million grams 
Price of catalyst = price of similar catalyst * mass of catalyst needed = $47.5 million * 0.25 = $11.9 
million. 
SC-C02 
Mass of catalyst needed = 175,659 *453.6 / 1.8 = 44.27 million grams 
Number of batches needed = 44.27 million / 19.875 = 2.46 million 
Price of catalyst = (Rhodium (III) Nitrate price * Rhodium (III) Nitrate batch mass + Perrhenic acid 
price * Perrhenic acid batch mass + Cerium (III) Nitrate price * Cerium (III) Nitrate batch mass) * 
2.46 million = $686 million 
Number batches needed = 44.27 million / 13.28 = 3.33 million 
Price of catalyst = (Rhodium market price * Rhodium batch mass + Rhenium market price * 
Rhenium batch mass + Cerium market price * Cerium batch mass + Titanium market price * 
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Titanium batch mass + Activated Carbon market price * Activated Carbon batch mass) * 3.33 
million = $240.9 million * 0.25 = $60.2 million 
SC-C03 
Mass of catalyst needed = 530,125*453.6/1.93 = 120.2 million grams of catalyst 
Price of catalyst = 30/31 * 120.2 million * price of H4SiO4 per gram + 1/31 * 120.2 million * price 
of Na2AlO2 per gram = $2.41 million *0.25 = $0.60 million 
Mass of deactivated catalyst per hour = 13.29 * 2910 = 38,674 grams 
Yearly price = (30/31 * 38,674 * price of H4SiO4 per gram + 1/31 * 38,674 * price of Na2AlO2 per 
gram) * 24 * 365 = $6.80 million * 0.25 = $1.70 million 
SC-C04 
WHSV = 12 (ml fed per hour in patent) * 0.8669 (density of toluene) / 2 (mass of catalyst in patent) 
= 5.2 hr
-1
 
Mass of catalyst needed = 144,783*453.6/1.93 = 12.6 million grams of catalyst 
Price of catalyst = 70/71 * 12.6 million * price of H4SiO4 per gram + 1/71 * 12.6 million * price of 
Na2AlO2 per gram = $0.25 million *0.25 = $0.06 million 
Mass of deactivated catalyst per hour = 13.29 * 1571.33 = 38,674 grams 
Yearly price = (70/71 * 38,674 * price of H4SiO4 per gram + 1/71 * 38,674 * price of Na2AlO2 per 
gram) * 24 * 365 = $3.67 million * 0.25 = $0.92 million 
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DC-500 Concentration Profile 
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DC-500 Real Tray Efficiency Calculations 
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DC-501 McCabe Thiele Analysis
 
Section XII: Appendices 
245 
 
DC-502 McCabe Thiele Analysis
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DC-503 McCabe Thiele Analysis
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SC-600: Sizing of HX-600
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Appendix C: Patents 
US2011/0257448-A1 
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US5730837 
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US6323381
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WO/2007075476-A2
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Appendix D: Materials 
Dowtherm A Specifications 
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Molten Salts Specifications (Kearney, 2002)  
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Material Safety Data Sheets 
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 BLOCK:  CMP-300  MODEL: MCOMPR           
 ------------------------------ 
   INLET STREAMS:    S-325        TO STAGE   1 
   OUTLET STREAMS:   S-314      FROM STAGE   4 
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
 
                      ***  MASS AND ENERGY BALANCE  *** 
                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            3681.00         3681.00         0.00000     
       MASS(LB/HR   )            7420.46         7420.46         0.00000     
       ENTHALPY(BTU/HR  )       0.160078E+07    0.278814E+08   -0.942586     
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             0.00000      LB/HR            
    PRODUCT STREAMS CO2E          0.00000      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
                          ***  INPUT DATA  *** 
 
   ISENTROPIC CENTRIFUGAL COMPRESSOR 
   NUMBER OF STAGES                                          4 
   FINAL PRESSURE, PSIA                                  1,166.30        
 
                    COMPRESSOR SPECIFICATIONS PER STAGE 
 
   STAGE                     MECHANICAL      ISENTROPIC                  
   NUMBER                    EFFICIENCY      EFFICIENCY                  
                      
 
     1                        1.000          0.7200     
     2                        1.000          0.7200     
     3                        1.000          0.7200     
     4                        1.000          0.7200     
 
                    COOLER SPECIFICATIONS PER STAGE 
 
   STAGE     PRESSURE DROP     TEMPERATURE  
   NUMBER    PSI               F            
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     1       2.000             493.0     
     2       2.000             767.0     
     3       2.000             1041.     
     4       2.000             1150.     
 
                           ***  RESULTS  *** 
 
   FINAL PRESSURE, PSIA                                  1,164.30        
   TOTAL WORK REQUIRED, HP                              22,340.3         
   TOTAL COOLING DUTY , BTU/HR                              -0.305628+08 
 
                           ***  PROFILE  *** 
 
                           COMPRESSOR PROFILE 
 
   STAGE      OUTLET       PRESSURE     OUTLET 
   NUMBER     PRESSURE     RATIO        TEMPERATURE 
              PSIA                      F    
 
     1        43.86        2.985        444.3     
     2        130.9        3.127        996.9     
     3        390.8        3.031        1387.     
     4        1166.        3.000        1775.     
 
   STAGE      INDICATED      BRAKE                                        
   NUMBER     HORSEPOWER     HORSEPOWER                                   
              HP             HP       
     1        3073.          3073.     
     2        5124.          5124.     
     3        6392.          6392.     
     4        7751.          7751.     
 
   STAGE      HEAD           VOLUMETRIC 
   NUMBER     DEVELOPED      FLOW 
              FT-LBF/LB      CUFT/HR      
     1       0.5905E+06     0.1613E+07 
     2       0.9844E+06     0.8998E+06 
     3       0.1228E+07     0.3767E+06 
     4       0.1489E+07     0.1533E+06 
 
                           COOLER PROFILE 
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   STAGE      OUTLET          OUTLET       COOLING     VAPOR 
   NUMBER     TEMPERATURE     PRESSURE     LOAD        FRACTION 
              F               PSIA         BTU/HR   
 
     1         493.0           41.86       0.1254E+07   1.000     
     2         767.0           128.9       -.5957E+07   1.000     
     3         1041.           388.8       -.9116E+07   1.000     
     4         1150.           1164.       -.1674E+08   1.000     
 
 BLOCK:  DC-500   MODEL: RADFRAC          
 ------------------------------- 
    INLETS   - S-504    STAGE  12 
    OUTLETS  - S-512    STAGE   1 
               S-505    STAGE  30 
               HS-706   STAGE  30 
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
 
                      ***  MASS AND ENERGY BALANCE  *** 
                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            3769.17         3769.17         0.00000     
       MASS(LB/HR   )            358212.         358212.        0.399806E-07 
       ENTHALPY(BTU/HR  )      -0.502864E+08   -0.809244E+08    0.378600     
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             0.00000      LB/HR            
    PRODUCT STREAMS CO2E          0.00000      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
 
 
                         ********************** 
                         ****  INPUT DATA  **** 
                         ********************** 
 
   ****   INPUT PARAMETERS   **** 
 
    NUMBER OF STAGES                                        30 
    ALGORITHM OPTION                                      STANDARD     
    ABSORBER OPTION                                       NO       
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    INITIALIZATION OPTION                                 STANDARD     
    HYDRAULIC PARAMETER CALCULATIONS                      NO       
    INSIDE LOOP CONVERGENCE METHOD                        BROYDEN  
    DESIGN SPECIFICATION METHOD                           NESTED   
    MAXIMUM NO. OF OUTSIDE LOOP ITERATIONS                 200 
    MAXIMUM NO. OF INSIDE LOOP ITERATIONS                   10 
    MAXIMUM NUMBER OF FLASH ITERATIONS                      30 
    FLASH TOLERANCE                                          0.000100000 
    OUTSIDE LOOP CONVERGENCE TOLERANCE                       0.000100000 
 
   ****   COL-SPECS   **** 
 
    MOLAR VAPOR DIST / TOTAL DIST                            1.00000     
    MASS REFLUX RATIO                                        0.86000     
    MASS DISTILLATE TO FEED RATIO                            0.60000     
 
   ****    PROFILES   **** 
 
    P-SPEC          STAGE   1  PRES, PSIA                   14.6959      
 
   **** TRAY MURPHREE EFFICIENCY **** 
 
                    STAGE   2  EFFICIENCY                    0.56000     
                            3                                0.56000     
                            4                                0.56000     
                            5                                0.56000     
                            6                                0.56000     
                            7                                0.56000     
                            8                                0.57000     
                            9                                0.57000     
                           10                                0.57000     
                           11                                0.57000     
                           12                                0.57000     
                           13                                0.58000     
                           14                                0.58000     
                           15                                0.59000     
                           16                                0.59000     
                           17                                0.59000     
                           18                                0.60000     
                           19                                0.60000     
                           20                                0.60000     
                           21                                0.60000     
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                           22                                0.60000     
                           23                                0.60000     
                           24                                0.60000     
                           25                                0.60000     
                           26                                0.60000     
                           27                                0.60000     
                           28                                0.60000     
                           29                                0.60000     
 
                          ******************* 
                          ****  RESULTS  **** 
                          ******************* 
 
 
   ***   COMPONENT SPLIT FRACTIONS   *** 
 
                             OUTLET STREAMS  
                             -------------- 
                  S-512        S-505    
    COMPONENT: 
    P-XYL       .79372E-01   .92063     
    O-XYL       .32804E-01   .96720     
    M-XYL       .70713E-01   .92929     
    N-BUTANE    1.0000       0.0000     
    N-PENT      1.0000       .36308E-14 
    N-HEX       1.0000       .70792E-09 
    WATER       1.0000       0.0000     
    H2          1.0000       0.0000     
    ETHYLBEN    .11302       .88698     
    TOLUENE     .95549       .44512E-01 
    BENZENE     1.0000       .70753E-06 
    NAPTH       .95419E-05   .99999     
    1:2:4-01    .60681E-03   .99939     
    ISOPR-01    .10042E-01   .98996     
    N-HEP-01    .99997       .31569E-04 
    1-BUT-01    1.0000       0.0000     
    1-PEN-01    1.0000       0.0000     
    1-HEX-01    1.0000       .16512E-09 
    1-HEP-01    .99999       .11951E-04 
 
  
   ***    SUMMARY OF KEY RESULTS    *** 
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    TOP STAGE TEMPERATURE          F                       209.002       
    BOTTOM STAGE TEMPERATURE       F                       296.357       
    TOP STAGE LIQUID FLOW          LBMOL/HR              2,021.01        
    BOTTOM STAGE LIQUID FLOW       LBMOL/HR              1,271.21        
    TOP STAGE VAPOR FLOW           LBMOL/HR              2,497.96        
    BOILUP VAPOR FLOW              LBMOL/HR              4,599.15        
    MOLAR REFLUX RATIO                                       0.80906     
    MOLAR BOILUP RATIO                                       3.61793     
    CONDENSER DUTY (W/O SUBCOOL)   BTU/HR                   -0.306380+08 
    REBOILER DUTY                  BTU/HR                    0.754021+08 
 
   ****   MAXIMUM FINAL RELATIVE ERRORS   **** 
 
    DEW POINT                       0.66479E-06  STAGE= 16 
    BUBBLE POINT                    0.35497E-06  STAGE= 17 
    COMPONENT MASS BALANCE          0.72927E-06  STAGE= 30 COMP=NAPTH    
    ENERGY BALANCE                  0.13476E-06  STAGE=  2 
 
 
   ****    PROFILES   **** 
 
   **NOTE** REPORTED VALUES FOR STAGE LIQUID AND VAPOR RATES ARE THE 
FLOWS 
            FROM THE STAGE INCLUDING ANY SIDE PRODUCT. 
 
                                          ENTHALPY 
 STAGE TEMPERATURE   PRESSURE             BTU/LBMOL          HEAT DUTY 
       F             PSIA           LIQUID       VAPOR        BTU/HR   
 
   1   209.00        14.696       -429.49      -4577.9      -.30638+08 
   2   221.14        14.696        3955.2       4057.3                 
  10   231.40        14.696        3428.8       5935.7                 
  11   232.48        14.696        3159.6       5820.2                 
  12   229.92        14.696        1569.8       5709.9                 
  13   242.19        14.696        5237.0       16521.                 
  14   246.46        14.696        6640.6       20753.                 
  15   248.25        14.696        7201.8       22398.                 
  16   249.27        14.696        7402.3       23073.                 
  17   250.10        14.696        7420.0       23327.                 
  29   283.89        14.696        1337.3       16874.                 
  30   296.36        14.696        4651.5       16816.       .75402+08 
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 STAGE     FLOW RATE                  FEED RATE               PRODUCT RATE 
            LBMOL/HR                   LBMOL/HR                 LBMOL/HR 
       LIQUID     VAPOR       LIQUID    VAPOR    MIXED      LIQUID    VAPOR 
   1  2021.      2498.                                               2497.9640 
   2  2034.      4519.                                                         
  10  1950.      4461.                                                         
  11  1975.      4448.                   2.2144                                
  12  6052.      4471.      3766.9596                                          
  13  6179.      4781.                                                         
  14  6217.      4908.                                                         
  15  6226.      4946.                                                         
  16  6226.      4955.                                                         
  17  6220.      4955.                                                         
  29  5870.      4723.                                                         
  30  1271.      4599.                                     1271.2100           
 
    ****  MASS FLOW PROFILES  **** 
 
 STAGE     FLOW RATE                  FEED RATE               PRODUCT RATE 
            LB/HR                      LB/HR                    LB/HR    
       LIQUID     VAPOR       LIQUID    VAPOR    MIXED      LIQUID    VAPOR 
   1 0.1848E+06 0.2149E+06                                           .21493+06 
   2 0.1881E+06 0.3998E+06                                                     
  10 0.1868E+06 0.4020E+06                                                     
  11 0.1902E+06 0.4017E+06             145.4036                                
  12 0.5916E+06 0.4050E+06  .35807+06                                          
  13 0.6082E+06 0.4484E+06                                                     
  14 0.6134E+06 0.4649E+06                                                     
  15 0.6153E+06 0.4701E+06                                                     
  16 0.6162E+06 0.4720E+06                                                     
  17 0.6169E+06 0.4729E+06                                                     
  29 0.6410E+06 0.5031E+06                                                     
  30 0.1433E+06 0.4977E+06                                 .14328+06           
 
                         ****   MOLE-X-PROFILE     **** 
   STAGE     P-XYL         O-XYL         M-XYL         N-BUTANE      N-PENT   
      1    0.37307E-01   0.10023E-02   0.32578E-02   0.17011E-02   0.19042E-01 
      2    0.54109E-01   0.15527E-02   0.47695E-02   0.70336E-03   0.88759E-02 
     10    0.16600       0.76331E-02   0.15566E-01   0.60103E-03   0.68752E-02 
     11    0.17227       0.83923E-02   0.16265E-01   0.60093E-03   0.68530E-02 
     12    0.16731       0.91587E-02   0.16009E-01   0.10045E-02   0.10841E-01 
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     13    0.17282       0.93290E-02   0.16503E-01   0.11041E-03   0.24688E-02 
     14    0.17793       0.94925E-02   0.16961E-01   0.11636E-04   0.53624E-03 
     15    0.18383       0.96840E-02   0.17492E-01   0.11873E-05   0.11274E-03 
     16    0.19116       0.99264E-02   0.18154E-01   0.12009E-06   0.23468E-04 
     17    0.20054       0.10245E-01   0.19006E-01   0.12070E-07   0.48493E-05 
     29    0.49183       0.27647E-01   0.47495E-01   0.23868E-20   0.72329E-14 
     30    0.41543       0.26299E-01   0.40635E-01   0.10645E-21   0.63663E-15 
 
                         ****   MOLE-X-PROFILE     **** 
   STAGE     N-HEX         WATER         H2            ETHYLBEN      TOLUENE  
      1    0.58565E-01   0.72414E-02   0.11043E-06   0.84314E-03   0.82463     
      2    0.33881E-01   0.33534E-02   0.45322E-07   0.11876E-02   0.85588     
     10    0.23263E-01   0.25964E-02   0.45498E-07   0.30216E-02   0.70341     
     11    0.23087E-01   0.25816E-02   0.45902E-07   0.30730E-02   0.68166     
     12    0.32548E-01   0.41421E-02   0.37151E-07   0.28717E-02   0.60899     
     13    0.14131E-01   0.86013E-03   0.47673E-10   0.29884E-02   0.64285     
     14    0.58341E-02   0.17123E-03   0.60938E-13   0.30971E-02   0.65317     
     15    0.23356E-02   0.33060E-04   0.76436E-16   0.32224E-02   0.65331     
     16    0.92482E-03   0.63225E-05   0.95814E-19   0.33764E-02   0.64769     
     17    0.36327E-03   0.11996E-05   0.70908E-22   0.35706E-02   0.63757     
     29    0.10869E-08   0.44373E-15   0.26088E-59   0.81551E-02   0.11700     
     30    0.18116E-09   0.34585E-16   0.20314E-62   0.65913E-02   0.57584E-01 
 
                         ****   MOLE-X-PROFILE     **** 
   STAGE     BENZENE       NAPTH         1:2:4-01      ISOPR-01      N-HEP-01 
      1    0.86395E-02   0.21431E-05   0.11894E-03   0.24509E-02   0.23302E-01 
      2    0.60301E-02   0.52184E-05   0.23587E-03   0.41058E-02   0.18333E-01 
     10    0.39933E-02   0.17177E-02   0.10139E-01   0.38271E-01   0.12030E-01 
     11    0.39425E-02   0.34392E-02   0.15159E-01   0.45996E-01   0.11845E-01 
     12    0.49632E-02   0.27589E-01   0.33993E-01   0.60303E-01   0.13546E-01 
     13    0.30682E-02   0.27143E-01   0.33834E-01   0.60813E-01   0.10156E-01 
     14    0.18159E-02   0.27032E-01   0.33887E-01   0.61393E-01   0.72508E-02 
     15    0.10483E-02   0.27028E-01   0.34021E-01   0.62089E-01   0.50477E-02 
     16    0.59926E-03   0.27065E-01   0.34211E-01   0.62971E-01   0.34763E-02 
     17    0.33991E-03   0.27129E-01   0.34466E-01   0.64137E-01   0.23752E-02 
     29    0.73374E-07   0.44086E-01   0.86163E-01   0.17762       0.54727E-05 
     30    0.18215E-07   0.12471       0.13256       0.19619       0.16663E-05 
 
                         ****   MOLE-X-PROFILE     **** 
   STAGE     1-BUT-01      1-PEN-01      1-HEX-01      1-HEP-01 
      1    0.23329E-03   0.21103E-02   0.67518E-02   0.28057E-02 
      2    0.95599E-04   0.96309E-03   0.37834E-02   0.21391E-02 
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     10    0.82495E-04   0.75710E-03   0.26373E-02   0.13979E-02 
     11    0.82502E-04   0.75494E-03   0.26188E-02   0.13774E-02 
     12    0.13848E-03   0.12073E-02   0.37635E-02   0.16159E-02 
     13    0.13786E-04   0.24989E-03   0.15141E-02   0.11552E-02 
     14    0.13175E-05   0.49372E-04   0.57972E-03   0.78679E-03 
     15    0.12194E-06   0.94412E-05   0.21521E-03   0.52231E-03 
     16    0.11190E-07   0.17876E-05   0.79043E-04   0.34305E-03 
     17    0.10206E-08   0.33602E-06   0.28801E-04   0.22351E-03 
     29    0.39457E-22   0.16264E-15   0.34648E-10   0.28130E-06 
     30    0.16066E-23   0.13078E-16   0.53454E-11   0.80776E-07 
 
                         ****   MOLE-Y-PROFILE     **** 
   STAGE     P-XYL         O-XYL         M-XYL         N-BUTANE      N-PENT   
      1    0.18227E-01   0.45392E-03   0.15736E-02   0.17997E-01   0.89230E-01 
      2    0.26760E-01   0.69918E-03   0.23268E-02   0.10709E-01   0.57840E-01 
     10    0.79153E-01   0.32436E-02   0.72999E-02   0.10344E-01   0.53016E-01 
     11    0.83018E-01   0.36016E-02   0.77085E-02   0.10370E-01   0.53122E-01 
     12    0.86279E-01   0.39606E-02   0.80640E-02   0.10261E-01   0.52764E-01 
     13    0.10134       0.46014E-02   0.94613E-02   0.12716E-02   0.13724E-01 
     14    0.10997       0.49333E-02   0.10251E-01   0.13901E-03   0.31083E-02 
     15    0.11688       0.51726E-02   0.10876E-01   0.14627E-04   0.67408E-03 
     16    0.12441       0.54216E-02   0.11555E-01   0.14919E-05   0.14167E-03 
     17    0.13361       0.57257E-02   0.12386E-01   0.15090E-06   0.29489E-04 
     29    0.51114       0.26064E-01   0.48832E-01   0.60833E-19   0.57983E-13 
     30    0.51294       0.28019E-01   0.49391E-01   0.30171E-20   0.90561E-14 
 
                         ****   MOLE-Y-PROFILE     **** 
   STAGE     N-HEX         WATER         H2            ETHYLBEN      TOLUENE  
      1    0.13023       0.37971E-01   0.13747E-03   0.42741E-03   0.62905     
      2    0.98177E-01   0.24228E-01   0.76040E-04   0.61334E-03   0.71652     
     10    0.83276E-01   0.22418E-01   0.77000E-04   0.15214E-02   0.67144     
     11    0.83329E-01   0.22461E-01   0.77219E-04   0.15648E-02   0.66165     
     12    0.82886E-01   0.22298E-01   0.36444E-04   0.15962E-02   0.65252     
     13    0.41202E-01   0.52434E-02   0.47029E-07   0.18828E-02   0.75560     
     14    0.17791E-01   0.10829E-02   0.60021E-10   0.20551E-02   0.79445     
     15    0.73336E-02   0.21524E-03   0.76602E-13   0.21989E-02   0.80626     
     16    0.29348E-02   0.41541E-04   0.96045E-16   0.23581E-02   0.80614     
     17    0.11621E-02   0.79447E-05   0.12040E-18   0.25515E-02   0.79909     
     29    0.46874E-08   0.41332E-14   0.41844E-56   0.88080E-02   0.19299     
     30    0.13373E-08   0.55682E-15   0.33293E-59   0.85874E-02   0.13343     
 
                         ****   MOLE-Y-PROFILE     **** 
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   STAGE     BENZENE       NAPTH         1:2:4-01      ISOPR-01      N-HEP-01 
      1    0.13101E-01   0.60558E-06   0.40960E-04   0.10128E-02   0.26861E-01 
      2    0.11106E-01   0.12932E-05   0.75834E-04   0.16559E-02   0.25269E-01 
     10    0.91216E-02   0.37286E-03   0.29565E-02   0.14295E-01   0.20427E-01 
     11    0.91079E-02   0.75345E-03   0.44685E-02   0.17348E-01   0.20358E-01 
     12    0.90569E-02   0.15195E-02   0.67190E-02   0.20883E-01   0.20234E-01 
     13    0.62828E-02   0.17660E-02   0.77865E-02   0.24173E-01   0.17147E-01 
     14    0.38630E-02   0.18710E-02   0.82610E-02   0.25747E-01   0.12786E-01 
     15    0.22826E-02   0.19258E-02   0.85248E-02   0.26746E-01   0.91141E-02 
     16    0.13172E-02   0.19683E-02   0.87422E-02   0.27687E-01   0.63422E-02 
     17    0.75302E-03   0.20125E-02   0.89775E-02   0.28791E-01   0.43678E-02 
     29    0.22349E-06   0.12506E-01   0.52808E-01   0.14684       0.13471E-04 
     30    0.88620E-07   0.21801E-01   0.73340E-01   0.17248       0.65248E-05 
 
                         ****   MOLE-Y-PROFILE     **** 
   STAGE     1-BUT-01      1-PEN-01      1-HEX-01      1-HEP-01 
      1    0.27557E-02   0.11025E-01   0.16475E-01   0.34397E-02 
      2    0.16276E-02   0.70380E-02   0.12126E-01   0.31561E-02 
     10    0.15796E-02   0.65094E-02   0.10399E-01   0.25517E-02 
     11    0.15837E-02   0.65231E-02   0.10408E-01   0.25445E-02 
     12    0.15659E-02   0.64768E-02   0.10351E-01   0.25294E-02 
     13    0.17530E-03   0.15283E-02   0.47642E-02   0.20455E-02 
     14    0.17357E-04   0.31462E-03   0.19063E-02   0.14544E-02 
     15    0.16561E-05   0.62062E-04   0.72873E-03   0.98900E-03 
     16    0.15322E-06   0.11863E-04   0.27043E-03   0.65629E-03 
     17    0.14061E-07   0.22463E-05   0.99324E-04   0.43104E-03 
     29    0.11071E-20   0.14287E-14   0.16131E-09   0.73208E-06 
     30    0.49919E-22   0.20397E-15   0.42747E-10   0.33673E-06 
 
                         ****   K-VALUES           **** 
   STAGE     P-XYL         O-XYL         M-XYL         N-BUTANE      N-PENT   
      1    0.30887       0.26061       0.30135        13.945        5.9813     
      2    0.38465       0.32491       0.37566        15.753        6.9298     
     10    0.45925       0.38957       0.44916        17.177        7.6996     
     11    0.46776       0.39700       0.45756        17.325        7.7812     
     12    0.44777       0.37967       0.43787        16.967        7.5835     
     13    0.55024       0.46748       0.53865        18.945        8.6726     
     14    0.58997       0.50144       0.57773        19.687        9.0836     
     15    0.60733       0.51627       0.59480        20.007        9.2606     
     16    0.61736       0.52489       0.60468        20.184        9.3584     
     17    0.62559       0.53203       0.61280        20.317        9.4334     
     29     1.0368       0.89563        1.0203        25.488        12.526     
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     30     1.2347        1.0654        1.2155        28.342        14.225     
 
                         ****   K-VALUES           **** 
   STAGE     N-HEX         WATER         H2            ETHYLBEN      TOLUENE  
      1     2.6536        6.7347        1681.9       0.33366       0.67948     
      2     3.1571        7.6447        1681.9       0.41376       0.82402     
     10     3.5780        8.6218        1688.7       0.49266       0.96504     
     11     3.6228        8.7346        1689.3       0.50165       0.98102     
     12     3.5127        8.4892        1720.0       0.48056       0.94377     
     13     4.1155        9.5987        1700.0       0.58828        1.1316     
     14     4.3475        9.9939        1697.3       0.62991        1.2032     
     15     4.4488        10.162        1697.7       0.64808        1.2342     
     16     4.5053        10.263        1698.1       0.65859        1.2522     
     17     4.5487        10.352        1697.9       0.66723        1.2670     
     29     6.3672        14.688        1604.0        1.0981        1.9888     
     30     7.3821        16.100        1638.9        1.3028        2.3171     
 
                         ****   K-VALUES           **** 
   STAGE     BENZENE       NAPTH         1:2:4-01      ISOPR-01      N-HEP-01 
      1     1.6979       0.30463E-01   0.11400       0.20702        1.2064     
      2     1.9952       0.39677E-01   0.14631       0.26078        1.4741     
     10     2.2868       0.49918E-01   0.17909       0.31332        1.7024     
     11     2.3199       0.51146E-01   0.18288       0.31931        1.7269     
     12     2.2465       0.48335E-01   0.17397       0.30514        1.6657     
     13     2.6188       0.62262E-01   0.21998       0.37877        1.9994     
     14     2.7575       0.67747E-01   0.23814       0.40759        2.1300     
     15     2.8174       0.70158E-01   0.24613       0.42022        2.1872     
     16     2.8523       0.71588E-01   0.25076       0.42750        2.2191     
     17     2.8814       0.72812E-01   0.25458       0.43343        2.2436     
     29     4.2714       0.14310       0.45402       0.73044        3.3077     
     30     4.8653       0.17482       0.55326       0.87918        3.9156     
 
                         ****   K-VALUES           **** 
   STAGE     1-BUT-01      1-PEN-01      1-HEX-01      1-HEP-01 
      1     15.612        6.7087        2.9460        1.3054     
      2     17.565        7.7389        3.4849        1.5857     
     10     19.111        8.5842        3.9403        1.8293     
     11     19.272        8.6736        3.9891        1.8557     
     12     18.883        8.4567        3.8703        1.7912     
     13     21.012        9.6331        4.5135        2.1412     
     14     21.805        10.077        4.7592        2.2769     
     15     22.146        10.268        4.8659        2.3362     
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     16     22.335        10.375        4.9255        2.3694     
     17     22.478        10.457        4.9717        2.3953     
     29     28.057        13.805        6.9371        3.5394     
     30     31.071        15.596        7.9969        4.1686     
 
                         ****   MASS-X-PROFILE     **** 
   STAGE     P-XYL         O-XYL         M-XYL         N-BUTANE      N-PENT   
      1    0.43307E-01   0.11635E-02   0.37817E-02   0.10811E-02   0.15022E-01 
      2    0.62106E-01   0.17822E-02   0.54745E-02   0.44198E-03   0.69235E-02 
     10    0.18401       0.84613E-02   0.17255E-01   0.36474E-03   0.51792E-02 
     11    0.18991       0.92515E-02   0.17931E-01   0.36267E-03   0.51341E-02 
     12    0.18171       0.99467E-02   0.17387E-01   0.59725E-03   0.80016E-02 
     13    0.18640       0.10062E-01   0.17800E-01   0.65199E-04   0.18097E-02 
     14    0.19144       0.10214E-01   0.18250E-01   0.68545E-05   0.39211E-03 
     15    0.19749       0.10404E-01   0.18792E-01   0.69833E-06   0.82312E-04 
     16    0.20504       0.10647E-01   0.19473E-01   0.70520E-07   0.17107E-04 
     17    0.21469       0.10968E-01   0.20347E-01   0.70742E-08   0.35281E-05 
     29    0.47818       0.26880E-01   0.46178E-01   0.12704E-20   0.47790E-14 
     30    0.39130       0.24771E-01   0.38275E-01   0.54894E-22   0.40751E-15 
 
                         ****   MASS-X-PROFILE     **** 
   STAGE     N-HEX         WATER         H2            ETHYLBEN      TOLUENE  
      1    0.55183E-01   0.14264E-02   0.24341E-08   0.97875E-03   0.83078     
      2    0.31566E-01   0.65313E-03   0.98776E-09   0.13631E-02   0.85259     
     10    0.20932E-01   0.48837E-03   0.95763E-09   0.33495E-02   0.67671     
     11    0.20659E-01   0.48292E-03   0.96081E-09   0.33876E-02   0.65217     
     12    0.28693E-01   0.76334E-03   0.76612E-09   0.31188E-02   0.57401     
     13    0.12372E-01   0.15743E-03   0.97636E-12   0.32233E-02   0.60178     
     14    0.50953E-02   0.31263E-04   0.12450E-14   0.33324E-02   0.60994     
     15    0.20367E-02   0.60267E-05   0.15592E-17   0.34618E-02   0.60913     
     16    0.80520E-03   0.11508E-05   0.19514E-20   0.36216E-02   0.60294     
     17    0.31567E-03   0.21792E-06   0.14414E-23   0.38225E-02   0.59237     
     29    0.85781E-09   0.73206E-16   0.48161E-61   0.79289E-02   0.98729E-01 
     30    0.13850E-09   0.55277E-17   0.36331E-64   0.62084E-02   0.47073E-01 
 
                         ****   MASS-X-PROFILE     **** 
   STAGE     BENZENE       NAPTH         1:2:4-01      ISOPR-01      N-HEP-01 
      1    0.73789E-02   0.30035E-05   0.15631E-03   0.32210E-02   0.25530E-01 
      2    0.50925E-02   0.72313E-05   0.30651E-03   0.53353E-02   0.19861E-01 
     10    0.32568E-02   0.22987E-02   0.12724E-01   0.48028E-01   0.12586E-01 
     11    0.31977E-02   0.45772E-02   0.18919E-01   0.57404E-01   0.12324E-01 
     12    0.39659E-02   0.36173E-01   0.41796E-01   0.74144E-01   0.13885E-01 
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     13    0.24350E-02   0.35346E-01   0.41315E-01   0.74260E-01   0.10339E-01 
     14    0.14376E-02   0.35115E-01   0.41279E-01   0.74784E-01   0.73634E-02 
     15    0.82861E-03   0.35055E-01   0.41378E-01   0.75516E-01   0.51181E-02 
     16    0.47294E-03   0.35048E-01   0.41544E-01   0.76468E-01   0.35193E-02 
     17    0.26773E-03   0.35063E-01   0.41772E-01   0.77734E-01   0.23999E-02 
     29    0.52488E-07   0.51747E-01   0.94842E-01   0.19551       0.50220E-05 
     30    0.12623E-07   0.14181       0.14135       0.20920       0.14814E-05 
 
                         ****   MASS-X-PROFILE     **** 
   STAGE     1-BUT-01      1-PEN-01      1-HEX-01      1-HEP-01 
      1    0.14312E-03   0.16183E-02   0.62132E-02   0.30121E-02 
      2    0.57990E-04   0.73025E-03   0.34425E-02   0.22707E-02 
     10    0.48327E-04   0.55440E-03   0.23175E-02   0.14331E-02 
     11    0.48065E-04   0.54978E-03   0.22885E-02   0.14043E-02 
     12    0.79481E-04   0.86617E-03   0.32402E-02   0.16230E-02 
     13    0.78586E-05   0.17806E-03   0.12946E-02   0.11524E-02 
     14    0.74916E-06   0.35093E-04   0.49447E-03   0.78294E-03 
     15    0.69232E-07   0.67003E-05   0.18328E-03   0.51895E-03 
     16    0.63433E-08   0.12667E-05   0.67210E-04   0.34031E-03 
     17    0.57743E-09   0.23764E-06   0.24442E-04   0.22130E-03 
     29    0.20274E-22   0.10446E-15   0.26704E-10   0.25294E-06 
     30    0.79974E-24   0.81376E-17   0.39913E-11   0.70365E-07 
 
                         ****   MASS-Y-PROFILE     **** 
   STAGE     P-XYL         O-XYL         M-XYL         N-BUTANE      N-PENT   
      1    0.22491E-01   0.56010E-03   0.19416E-02   0.12157E-01   0.74825E-01 
      2    0.32115E-01   0.83911E-03   0.27924E-02   0.70361E-02   0.47174E-01 
     10    0.93258E-01   0.38217E-02   0.86008E-02   0.66719E-02   0.42450E-01 
     11    0.97596E-01   0.42340E-02   0.90620E-02   0.66740E-02   0.42441E-01 
     12    0.10112       0.46419E-02   0.94510E-02   0.65839E-02   0.42025E-01 
     13    0.11473       0.52093E-02   0.10711E-01   0.78811E-03   0.10559E-01 
     14    0.12325       0.55290E-02   0.11489E-01   0.85295E-04   0.23675E-02 
     15    0.13053       0.57769E-02   0.12147E-01   0.89435E-05   0.51162E-03 
     16    0.13865       0.60423E-02   0.12878E-01   0.91030E-06   0.10730E-03 
     17    0.14861       0.63682E-02   0.13776E-01   0.91885E-07   0.22289E-04 
     29    0.50937       0.25974E-01   0.48663E-01   0.33189E-19   0.39268E-13 
     30    0.50320       0.27487E-01   0.48453E-01   0.16204E-20   0.60375E-14 
 
                         ****   MASS-Y-PROFILE     **** 
   STAGE     N-HEX         WATER         H2            ETHYLBEN      TOLUENE  
      1    0.13043       0.79503E-02   0.32209E-05   0.52739E-03   0.67364     
      2    0.95639E-01   0.49339E-02   0.17328E-05   0.73608E-03   0.74630     
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     10    0.79642E-01   0.44819E-02   0.17226E-05   0.17925E-02   0.68657     
     11    0.79516E-01   0.44806E-02   0.17237E-05   0.18396E-02   0.67507     
     12    0.78852E-01   0.44344E-02   0.81101E-06   0.18708E-02   0.66371     
     13    0.37862E-01   0.10073E-02   0.10110E-08   0.21315E-02   0.74241     
     14    0.16185E-01   0.20595E-03   0.12773E-11   0.23032E-02   0.77275     
     15    0.66483E-02   0.40791E-04   0.16244E-14   0.24558E-02   0.78149     
     16    0.26549E-02   0.78560E-05   0.20325E-17   0.26280E-02   0.77974     
     17    0.10492E-02   0.14994E-05   0.25426E-20   0.28378E-02   0.77134     
     29    0.37916E-08   0.69892E-15   0.79177E-58   0.87776E-02   0.16691     
     30    0.10649E-08   0.92689E-16   0.62014E-61   0.84242E-02   0.11360     
 
                         ****   MASS-Y-PROFILE     **** 
   STAGE     BENZENE       NAPTH         1:2:4-01      ISOPR-01      N-HEP-01 
      1    0.11894E-01   0.90212E-06   0.57219E-04   0.14148E-02   0.31282E-01 
      2    0.98065E-02   0.18737E-05   0.10304E-03   0.22499E-02   0.28623E-01 
     10    0.79073E-02   0.53036E-03   0.39435E-02   0.19067E-01   0.22716E-01 
     11    0.78779E-02   0.10693E-02   0.59472E-02   0.23089E-01   0.22589E-01 
     12    0.78098E-02   0.21500E-02   0.89151E-02   0.27708E-01   0.22382E-01 
     13    0.52333E-02   0.24137E-02   0.99798E-02   0.30983E-01   0.18322E-01 
     14    0.31854E-02   0.25316E-02   0.10482E-01   0.32668E-01   0.13525E-01 
     15    0.18757E-02   0.25965E-02   0.10779E-01   0.33817E-01   0.96072E-02 
     16    0.10801E-02   0.26483E-02   0.11030E-01   0.34934E-01   0.66713E-02 
     17    0.61621E-03   0.27023E-02   0.11304E-01   0.36253E-01   0.45851E-02 
     29    0.16387E-06   0.15046E-01   0.59578E-01   0.16566       0.12671E-04 
     30    0.63964E-07   0.25820E-01   0.81452E-01   0.19156       0.60413E-05 
 
                         ****   MASS-Y-PROFILE     **** 
   STAGE     1-BUT-01      1-PEN-01      1-HEX-01      1-HEP-01 
      1    0.17970E-02   0.89867E-02   0.16115E-01   0.39253E-02 
      2    0.10323E-02   0.55798E-02   0.11537E-01   0.35031E-02 
     10    0.98357E-03   0.50664E-02   0.97123E-02   0.27805E-02 
     11    0.98391E-03   0.50658E-02   0.96992E-02   0.27664E-02 
     12    0.96988E-03   0.50145E-02   0.96171E-02   0.27417E-02 
     13    0.10488E-03   0.11430E-02   0.42756E-02   0.21417E-02 
     14    0.10281E-04   0.23293E-03   0.16936E-02   0.15075E-02 
     15    0.97748E-06   0.45788E-04   0.64517E-03   0.10215E-02 
     16    0.90248E-07   0.87342E-05   0.23892E-03   0.67646E-03 
     17    0.82652E-08   0.16504E-05   0.87572E-04   0.44339E-03 
     29    0.58304E-21   0.94057E-15   0.12743E-09   0.67472E-06 
     30    0.25880E-22   0.13219E-15   0.33242E-10   0.30550E-06 
 
                         ****   MURPHREE EFF       **** 
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   STAGE     P-XYL         O-XYL         M-XYL         N-BUTANE      N-PENT   
      1    0.56000       0.56000       0.56000       0.56000       0.56000     
      2    0.56000       0.56000       0.56000       0.56000       0.56000     
     10    0.57000       0.57000       0.57000       0.57000       0.57000     
     11    0.57000       0.57000       0.57000       0.57000       0.57000     
     12    0.57000       0.57000       0.57000       0.57000       0.57000     
     13    0.58000       0.58000       0.58000       0.58000       0.58000     
     14    0.58000       0.58000       0.58000       0.58000       0.58000     
     15    0.59000       0.59000       0.59000       0.59000       0.59000     
     16    0.59000       0.59000       0.59000       0.59000       0.59000     
     17    0.59000       0.59000       0.59000       0.59000       0.59000     
     29    0.60000       0.60000       0.60000       0.60000       0.60000     
     30    0.60000       0.60000       0.60000       0.60000       0.60000     
 
                         ****   MURPHREE EFF       **** 
   STAGE     N-HEX         WATER         H2            ETHYLBEN      TOLUENE  
      1    0.56000       0.56000       0.56000       0.56000       0.56000     
      2    0.56000       0.56000       0.56000       0.56000       0.56000     
     10    0.57000       0.57000       0.57000       0.57000       0.57000     
     11    0.57000       0.57000       0.57000       0.57000       0.57000     
     12    0.57000       0.57000       0.57000       0.57000       0.57000     
     13    0.58000       0.58000       0.58000       0.58000       0.58000     
     14    0.58000       0.58000       0.58000       0.58000       0.58000     
     15    0.59000       0.59000       0.59000       0.59000       0.59000     
     16    0.59000       0.59000       0.59000       0.59000       0.59000     
     17    0.59000       0.59000       0.59000       0.59000       0.59000     
     29    0.60000       0.60000       0.60000       0.60000       0.60000     
     30    0.60000       0.60000       0.60000       0.60000       0.60000     
 
                         ****   MURPHREE EFF       **** 
   STAGE     BENZENE       NAPTH         1:2:4-01      ISOPR-01      N-HEP-01 
      1    0.56000       0.56000       0.56000       0.56000       0.56000     
      2    0.56000       0.56000       0.56000       0.56000       0.56000     
     10    0.57000       0.57000       0.57000       0.57000       0.57000     
     11    0.57000       0.57000       0.57000       0.57000       0.57000     
     12    0.57000       0.57000       0.57000       0.57000       0.57000     
     13    0.58000       0.58000       0.58000       0.58000       0.58000     
     14    0.58000       0.58000       0.58000       0.58000       0.58000     
     15    0.59000       0.59000       0.59000       0.59000       0.59000     
     16    0.59000       0.59000       0.59000       0.59000       0.59000     
     17    0.59000       0.59000       0.59000       0.59000       0.59000     
     29    0.60000       0.60000       0.60000       0.60000       0.60000     
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     30    0.60000       0.60000       0.60000       0.60000       0.60000     
 
                         ****   MURPHREE EFF       **** 
   STAGE     1-BUT-01      1-PEN-01      1-HEX-01      1-HEP-01 
      1    0.56000       0.56000       0.56000       0.56000     
      2    0.56000       0.56000       0.56000       0.56000     
     10    0.57000       0.57000       0.57000       0.57000     
     11    0.57000       0.57000       0.57000       0.57000     
     12    0.57000       0.57000       0.57000       0.57000     
     13    0.58000       0.58000       0.58000       0.58000     
     14    0.58000       0.58000       0.58000       0.58000     
     15    0.59000       0.59000       0.59000       0.59000     
     16    0.59000       0.59000       0.59000       0.59000     
     17    0.59000       0.59000       0.59000       0.59000     
     29    0.60000       0.60000       0.60000       0.60000     
     30    0.60000       0.60000       0.60000       0.60000     
 
 
 
 
                    ******************************** 
                    ***** HYDRAULIC PARAMETERS ***** 
                    ******************************** 
 
 
       *** DEFINITIONS *** 
 
        MARANGONI INDEX = SIGMA - SIGMATO 
        FLOW PARAM = (ML/MV)*SQRT(RHOV/RHOL) 
        QR = QV*SQRT(RHOV/(RHOL-RHOV)) 
        F FACTOR = QV*SQRT(RHOV) 
          WHERE: 
          SIGMA IS THE SURFACE TENSION OF LIQUID FROM THE STAGE 
          SIGMATO IS THE SURFACE TENSION OF LIQUID TO THE STAGE 
          ML IS THE MASS FLOW OF LIQUID FROM THE STAGE 
          MV IS THE MASS FLOW OF VAPOR TO THE STAGE 
          RHOL IS THE MASS DENSITY OF LIQUID FROM THE STAGE 
          RHOV IS THE MASS DENSITY OF VAPOR TO THE STAGE 
          QV IS THE VOLUMETRIC FLOW RATE OF VAPOR TO THE STAGE 
 
 
                     TEMPERATURE 
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                         F    
 STAGE       LIQUID FROM       VAPOR TO 
    1         209.00            221.14     
    2         221.14            224.21     
   10         231.40            232.48     
   11         232.48            229.90     
   12         229.92            242.19     
   13         242.19            246.46     
   14         246.46            248.25     
   15         248.25            249.27     
   16         249.27            250.10     
   17         250.10            251.00     
   29         283.89            296.36     
   30         296.36            296.36     
 
 
             MASS FLOW                VOLUME FLOW         MOLECULAR WEIGHT 
              LB/HR                    CUFT/HR  
 STAGE LIQUID FROM  VAPOR TO   LIQUID FROM  VAPOR TO   LIQUID FROM  VAPOR 
TO 
    1  0.18484E+06 0.39976E+06  3863.6     0.21722E+07  91.458      88.464     
    2  0.18809E+06 0.40302E+06  3912.9     0.21882E+07  92.496      88.938     
   10  0.18679E+06 0.40172E+06  3885.7     0.21744E+07  95.776      90.309     
   11  0.19023E+06 0.40516E+06  3957.1     0.21772E+07  96.307      90.574     
   12  0.59165E+06 0.44836E+06  12254.     0.23677E+07  97.756      93.778     
   13  0.60817E+06 0.46489E+06  12587.     0.24451E+07  98.429      94.728     
   14  0.61342E+06 0.47014E+06  12682.     0.24703E+07  98.671      95.061     
   15  0.61531E+06 0.47203E+06  12713.     0.24787E+07  98.824      95.260     
   16  0.61622E+06 0.47294E+06  12728.     0.24812E+07  98.979      95.455     
   17  0.61689E+06 0.47360E+06  12742.     0.24816E+07  99.171      95.692     
   29  0.64102E+06 0.49774E+06  13446.     0.24480E+07  109.20      108.22     
   30  0.14328E+06  0.0000      2969.4      0.0000      112.72     
 
 
               DENSITY                  VISCOSITY         SURFACE TENSION 
               LB/CUFT                   CP                  DYNE/CM  
 STAGE LIQUID FROM  VAPOR TO     LIQUID FROM  VAPOR TO      LIQUID FROM 
    1   47.841      0.18404      0.25600      0.88481E-02    18.824     
    2   48.070      0.18418      0.24808      0.88812E-02    18.740     
   10   48.072      0.18475      0.24473      0.89147E-02    18.716     
   11   48.074      0.18609      0.24497      0.88717E-02    18.728     
   12   48.280      0.18936      0.25370      0.89674E-02    19.214     
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   13   48.317      0.19013      0.24434      0.90132E-02    18.861     
   14   48.369      0.19031      0.24157      0.90346E-02    18.773     
   15   48.402      0.19044      0.24061      0.90437E-02    18.753     
   16   48.415      0.19061      0.24017      0.90466E-02    18.747     
   17   48.414      0.19085      0.23986      0.90458E-02    18.742     
   29   47.675      0.20332      0.23366      0.89552E-02    17.709     
   30   48.254                   0.24342                     18.243     
 
 
       MARANGONI INDEX   FLOW PARAM          QR          REDUCED F-FACTOR 
 STAGE    DYNE/CM                          CUFT/HR       (LB-CUFT)**.5/HR 
    1                    0.28678E-01      0.13499E+06      0.93186E+06 
    2   -.84704E-01      0.28889E-01      0.13571E+06      0.93910E+06 
   10   0.32782E-02      0.28826E-01      0.13506E+06      0.93461E+06 
   11   0.11486E-01      0.29212E-01      0.13572E+06      0.93922E+06 
   12   -.95596          0.82641E-01      0.14858E+06      0.10303E+07 
   13   -.35356          0.82065E-01      0.15368E+06      0.10662E+07 
   14   -.87506E-01      0.81844E-01      0.15526E+06      0.10777E+07 
   15   -.20246E-01      0.81766E-01      0.15578E+06      0.10817E+07 
   16   -.56825E-02      0.81755E-01      0.15599E+06      0.10833E+07 
   17   -.47522E-02      0.81781E-01      0.15611E+06      0.10841E+07 
   29   -.80505E-01      0.84105E-01      0.16021E+06      0.11038E+07 
   30   0.53402                            0.0000           0.0000     
 
 
 
 
                 ************************************  
                 ***** TRAY SIZING CALCULATIONS *****  
                 ************************************  
 
 
    ******************* 
    *** SECTION   1 *** 
    ******************* 
 
    STARTING STAGE NUMBER                                         2 
    ENDING STAGE NUMBER                                          13 
    FLOODING CALCULATION METHOD                               GLITSCH  
 
    DESIGN PARAMETERS              
    -----------------              
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    PEAK CAPACITY FACTOR                                      1.00000     
    SYSTEM FOAMING FACTOR                                     1.00000     
    FLOODING FACTOR                                           0.80000     
    MINIMUM COLUMN DIAMETER         FT                        1.00000     
    MINIMUM DC AREA/COLUMN AREA                               0.100000    
    HOLE AREA/ACTIVE AREA                                     0.12000     
 
    TRAY SPECIFICATIONS         
    -------------------         
    TRAY TYPE                                                 SIEVE        
    NUMBER OF PASSES                                              1 
    TRAY SPACING                    FT                        2.00000     
 
 
            ***** SIZING RESULTS @ STAGE WITH MAXIMUM DIAMETER ***** 
 
    STAGE WITH MAXIMUM DIAMETER                                  13 
    COLUMN DIAMETER                 FT                       16.0155      
    DC AREA/COLUMN AREA                                       0.100000    
    DOWNCOMER VELOCITY              FT/SEC                    0.17356     
    FLOW PATH LENGTH                FT                       11.0034      
    SIDE DOWNCOMER WIDTH            FT                        2.50603     
    SIDE WEIR LENGTH                FT                       11.6370      
    CENTER DOWNCOMER WIDTH          FT                        0.0         
    CENTER WEIR LENGTH              FT                        0.0         
    OFF-CENTER DOWNCOMER WIDTH      FT                        0.0         
    OFF-CENTER SHORT WEIR LENGTH    FT                        0.0         
    OFF-CENTER LONG WEIR LENGTH     FT                        0.0         
    TRAY CENTER TO OCDC CENTER      FT                        0.0         
 
 
                          **** SIZING PROFILES **** 
 
       STAGE    DIAMETER      TOTAL AREA   ACTIVE AREA   SIDE DC AREA 
                  FT            SQFT         SQFT           SQFT     
          2       13.535        143.89       115.11        14.389     
          3       13.535        143.89       115.11        14.389     
          4       13.531        143.79       115.03        14.379     
          5       13.526        143.69       114.95        14.369     
          6       13.522        143.60       114.88        14.360     
          7       13.517        143.49       114.80        14.349     
          8       13.512        143.39       114.71        14.339     
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          9       13.506        143.26       114.61        14.326     
         10       13.500        143.13       114.51        14.313     
         11       13.544        144.08       115.27        14.408     
         12       15.722        194.15       155.32        19.415     
         13       16.015        201.45       161.16        20.145     
 
 BLOCK:  F-300    MODEL: FLASH2           
 ------------------------------ 
   INLET STREAM:          S-307    
   OUTLET VAPOR STREAM:   S-310    
   OUTLET LIQUID STREAM:  S-308    
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
 
                      ***  MASS AND ENERGY BALANCE  *** 
                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            15947.6         15947.6         0.00000     
       MASS(LB/HR   )            339324.         339324.        0.171540E-15 
       ENTHALPY(BTU/HR  )      -0.155911E+10   -0.148209E+10   -0.493991E-01 
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             93768.7      LB/HR            
    PRODUCT STREAMS CO2E          93768.7      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
                          ***  INPUT DATA  *** 
   TWO    PHASE  TP  FLASH 
   SPECIFIED TEMPERATURE F                                 359.600       
   SPECIFIED PRESSURE    PSIA                              290.075       
   MAXIMUM NO. ITERATIONS                                   30 
   CONVERGENCE TOLERANCE                                     0.000100000 
 
                           ***  RESULTS  *** 
   OUTLET TEMPERATURE    F                                    359.60     
   OUTLET PRESSURE       PSIA                                 290.08     
   HEAT DUTY             BTU/HR                              0.77018E+08 
   VAPOR FRACTION                                            0.82624     
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   V-L PHASE EQUILIBRIUM :  
 
      COMP              F(I)           X(I)           Y(I)           K(I)       
      SORBITOL         0.14845E-01    0.85434E-01    0.15889E-06    0.18599E-05 
      PROPANE          0.40088E-01    0.11061E-03    0.48495E-01     438.45     
      CO2              0.13360        0.73119E-03    0.16154         220.93     
      WATER            0.58063        0.91363        0.51060        0.55887     
      H2               0.23084        0.97993E-04    0.27936         2850.8     
 
 BLOCK:  HX-100   MODEL: HEATX            
 ----------------------------- 
   HOT SIDE: 
   --------- 
   INLET STREAM:          S-417    
   OUTLET STREAM:         S-420    
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
   COLD SIDE: 
   ---------- 
   INLET STREAM:          S-104    
   OUTLET STREAM:         S-107    
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
 
                      ***  MASS AND ENERGY BALANCE  *** 
                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            27662.9         27662.9         0.00000     
       MASS(LB/HR   )            748975.         748975.        0.155433E-15 
       ENTHALPY(BTU/HR  )      -0.337380E+10   -0.337380E+10   -0.424006E-15 
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             0.00000      LB/HR            
    PRODUCT STREAMS CO2E          0.00000      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
                          ***  INPUT DATA  *** 
 
   FLASH SPECS FOR HOT SIDE: 
   TWO    PHASE      FLASH 
   MAXIMUM NO. ITERATIONS                                   30 
   CONVERGENCE TOLERANCE                                     0.000100000 
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   FLASH SPECS FOR COLD SIDE: 
   TWO    PHASE      FLASH 
   MAXIMUM NO. ITERATIONS                                   30 
   CONVERGENCE TOLERANCE                                     0.000100000 
 
   FLOW DIRECTION AND SPECIFICATION: 
     COUNTERCURRENT   HEAT EXCHANGER 
     SPECIFIED COLD OUTLET TEMP     
     SPECIFIED VALUE                F                      212.0000 
     LMTD CORRECTION FACTOR                                  1.00000 
 
   PRESSURE SPECIFICATION: 
     HOT  SIDE PRESSURE DROP        PSI                      0.0000 
     COLD SIDE PRESSURE DROP        PSI                      0.0000 
 
   HEAT TRANSFER COEFFICIENT SPECIFICATION: 
     OVERALL COEFFICIENT            BTU/HR-SQFT-R           50.0000 
 
                        ***  OVERALL RESULTS  *** 
 
   STREAMS: 
                   -------------------------------------- 
                   |                                    | 
   S-417     ----->|                HOT                 |-----> S-420    
   T=  6.9800D+02  |                                    |       T=  5.0598D+02 
   P=  6.3970D+02  |                                    |       P=  6.3970D+02 
   V=  1.0000D+00  |                                    |       V=  1.0000D+00 
                   |                                    | 
   S-107     <-----|                COLD                |<----- S-104    
   T=  2.1200D+02  |                                    |       T=  7.7042D+01 
   P=  4.2414D+01  |                                    |       P=  4.2414D+01 
   V=  0.0000D+00  |                                    |       V=  0.0000D+00 
                   -------------------------------------- 
 
   DUTY AND AREA: 
     CALCULATED HEAT DUTY           BTU/HR            36902766.2465 
     CALCULATED (REQUIRED) AREA     SQFT                  1615.4392 
     ACTUAL EXCHANGER AREA          SQFT                  1615.4392 
     PER CENT OVER-DESIGN                                    0.0000 
 
   HEAT TRANSFER COEFFICIENT: 
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     AVERAGE COEFFICIENT (DIRTY)    BTU/HR-SQFT-R           50.0000 
     UA (DIRTY)                     BTU/HR-R             80771.9596 
 
   LOG-MEAN TEMPERATURE DIFFERENCE: 
     LMTD CORRECTION FACTOR                                  1.0000 
     LMTD (CORRECTED)               F                      456.8760 
     NUMBER OF SHELLS IN SERIES                               1 
 
   PRESSURE DROP: 
     HOTSIDE, TOTAL                 PSI                      0.0000 
     COLDSIDE, TOTAL                PSI                      0.0000 
 
   PRESSURE DROP PARAMETER: 
     HOT SIDE:                                             0.0000     
     COLD SIDE:                                            0.0000     
 
 BLOCK:  MIX-100  MODEL: MIXER            
 ----------------------------- 
   INLET STREAMS:         S-115       S-114       S-113    
   OUTLET STREAM:         S-119    
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
 
                      ***  MASS AND ENERGY BALANCE  *** 
                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            36372.3         36372.3         0.00000     
       MASS(LB/HR   )           0.124500E+07    0.124500E+07     0.00000     
       ENTHALPY(BTU/HR  )      -0.583515E+10   -0.583515E+10     0.00000     
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             0.00000      LB/HR            
    PRODUCT STREAMS CO2E          0.00000      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
                          ***  INPUT DATA  *** 
   TWO    PHASE      FLASH 
   MAXIMUM NO. ITERATIONS                                   30 
   CONVERGENCE TOLERANCE                                     0.000100000 
   OUTLET PRESSURE:  MINIMUM OF INLET STREAM PRESSURES 
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 BLOCK:  P-000    MODEL: PUMP             
 ---------------------------- 
   INLET STREAM:          S-000    
   OUTLET STREAM:         S-100    
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
 
                      ***  MASS AND ENERGY BALANCE  *** 
                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            36372.6         36372.6         0.00000     
       MASS(LB/HR   )           0.124500E+07    0.124500E+07     0.00000     
       ENTHALPY(BTU/HR  )      -0.573013E+10   -0.573012E+10   -0.132700E-05 
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             0.00000      LB/HR            
    PRODUCT STREAMS CO2E          0.00000      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
                          ***  INPUT DATA  *** 
    PRESSURE CHANGE  PSI                                    2.00000     
    DRIVER EFFICIENCY                                       1.00000     
 
    FLASH SPECIFICATIONS: 
    LIQUID PHASE CALCULATION 
    NO FLASH PERFORMED 
    MAXIMUM NUMBER OF ITERATIONS                            30 
    TOLERANCE                                               0.000100000 
 
                           ***  RESULTS  *** 
    VOLUMETRIC FLOW RATE  CUFT/HR                      16,830.2         
    PRESSURE CHANGE  PSI                                    2.00000     
    NPSH AVAILABLE   FT-LBF/LB                             27.2010      
    FLUID POWER  HP                                         2.44803     
    BRAKE POWER  HP                                         2.98844     
    ELECTRICITY  KW                                         2.22848     
    PUMP EFFICIENCY USED                                    0.81917     
    NET WORK REQUIRED  HP                                   2.98844     
    HEAD DEVELOPED FT-LBF/LB                                3.89325     
 
 BLOCK:  R-100    MODEL: RYIELD           
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 ------------------------------ 
   INLET STREAM:          S-107    
   OUTLET STREAM:         S-110    
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
 
                      ***  MASS AND ENERGY BALANCE  *** 
                              IN          OUT       GENERATION   RELATIVE DIFF. 
   TOTAL BALANCE 
   MOLE(LBMOL/HR)         12124.2       12124.1     -0.102851       0.00000     
   MASS(LB/HR   )         415000.       415000.                     0.00000     
   ENTHALPY(BTU/HR  )   -0.187310E+10 -0.194673E+10                0.378200E-01 
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             0.00000      LB/HR            
    PRODUCT STREAMS CO2E          0.00000      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
                          ***  INPUT DATA  *** 
   TWO    PHASE  TP  FLASH 
   SPECIFIED TEMPERATURE F                                 212.000       
   SPECIFIED PRESSURE    PSIA                               14.6959      
   MAXIMUM NO. ITERATIONS                                   30 
   CONVERGENCE TOLERANCE                                     0.000100000 
 
    MASS-YIELD   
     SUBSTREAM MIXED   : 
     WATER     0.474        GLUCOSE   0.526     
 
                           ***  RESULTS  *** 
   OUTLET TEMPERATURE    F                                    212.00     
   OUTLET PRESSURE       PSIA                                 14.696     
   HEAT DUTY             BTU/HR                             -0.73625E+08 
   VAPOR FRACTION                                             0.0000     
 
 
 
   V-L PHASE EQUILIBRIUM :  
 
      COMP              F(I)           X(I)           Y(I)           K(I)       
      WATER            0.90000        0.90000         1.0000         1.0028     
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      GLUCOSE          0.99999E-01    0.99999E-01    0.23398E-06    0.21117E-05 
 
 BLOCK:  REF-500  MODEL: HEATER           
 ------------------------------ 
   INLET STREAM:          S-521    
   OUTLET STREAM:         S-508    
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
 
                      ***  MASS AND ENERGY BALANCE  *** 
                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            705.706         705.706         0.00000     
       MASS(LB/HR   )            74508.1         74508.1         0.00000     
       ENTHALPY(BTU/HR  )      -0.681302E+07   -0.897628E+07    0.240998     
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             0.00000      LB/HR            
    PRODUCT STREAMS CO2E          0.00000      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
                          ***  INPUT DATA  *** 
   TWO    PHASE  TP  FLASH 
   SPECIFIED TEMPERATURE                F                       -22.0000      
   SPECIFIED PRESSURE                   PSIA                     14.6959      
   MAXIMUM NO. ITERATIONS                                        30 
   CONVERGENCE TOLERANCE                                          0.000100000 
 
 
 
                           ***  RESULTS  *** 
   OUTLET TEMPERATURE    F                                   -22.000     
   OUTLET PRESSURE       PSIA                                 14.696     
   HEAT DUTY             BTU/HR                             -0.21633E+07 
   OUTLET VAPOR FRACTION                                      0.0000     
   PRESSURE-DROP CORRELATION PARAMETER                        0.0000     
 
 
 
   V-L PHASE EQUILIBRIUM :  
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      COMP              F(I)           X(I)           Y(I)           K(I)       
      P-XYL            0.71989        0.71989        0.53386        0.26983E-03 
      O-XYL            0.33233E-01    0.33233E-01    0.18416E-01    0.20163E-03 
      M-XYL            0.69612E-01    0.69612E-01    0.47600E-01    0.24880E-03 
      N-HEX            0.32632E-09    0.32632E-09    0.13004E-07    0.14500E-01 
      ETHYLBEN         0.11709E-01    0.11709E-01    0.10614E-01    0.32981E-03 
      TOLUENE          0.10373        0.10373        0.36554        0.12822E-02 
      BENZENE          0.32811E-07    0.32811E-07    0.62054E-06    0.68814E-02 
      NAPTH            0.38125E-06    0.38125E-06    0.47681E-08    0.45507E-05 
      1:2:4-01         0.70387E-03    0.70387E-03    0.73988E-04    0.38248E-04 
      ISOPR-01         0.61117E-01    0.61117E-01    0.23867E-01    0.14209E-03 
      N-HEP-01         0.30016E-05    0.30016E-05    0.26459E-04    0.32074E-02 
      1-HEX-01         0.96289E-11    0.96289E-11    0.46729E-09    0.17658E-01 
      1-HEP-01         0.14550E-06    0.14550E-06    0.14170E-05    0.35434E-02 
 
 BLOCK:  SEP-300  MODEL: SEP              
 --------------------------- 
   INLET STREAM:          S-323    
   OUTLET STREAMS:        S-325       S-313    
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
 
                      ***  MASS AND ENERGY BALANCE  *** 
                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            7810.82         7810.82         0.00000     
       MASS(LB/HR   )            153817.         153817.        0.189210E-15 
       ENTHALPY(BTU/HR  )      -0.526297E+09   -0.541065E+09    0.272937E-01 
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             93678.2      LB/HR            
    PRODUCT STREAMS CO2E          93678.2      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
 
                          ***  INPUT DATA  *** 
 
   FLASH SPECS FOR STREAM S-325    
   TWO    PHASE  TP  FLASH 
   PRESSURE DROP         PSI                                 0.0         
   MAXIMUM NO. ITERATIONS                                   30 
Section XII: Appendices 
491 
 
   CONVERGENCE TOLERANCE                                     0.000100000 
 
   FLASH SPECS FOR STREAM S-313    
   TWO    PHASE  TP  FLASH 
   PRESSURE DROP         PSI                                 0.0         
   MAXIMUM NO. ITERATIONS                                   30 
   CONVERGENCE TOLERANCE                                     0.000100000 
 
   FRACTION OF FEED 
     SUBSTREAM= MIXED    
       STREAM= S-313     CPT= PROPANE   FRACTION=          1.00000     
                              CO2                          1.00000     
                              H2                           0.0         
 
 
                           ***  RESULTS  *** 
 
   HEAT DUTY             BTU/HR                             -0.14768E+08 
 
  COMPONENT = PROPANE  
    STREAM     SUBSTREAM    SPLIT FRACTION 
    S-313      MIXED                 1.00000     
 
  COMPONENT = CO2      
    STREAM     SUBSTREAM    SPLIT FRACTION 
    S-313      MIXED                 1.00000     
 
  COMPONENT = WATER    
    STREAM     SUBSTREAM    SPLIT FRACTION 
    S-313      MIXED                 1.00000     
 
  COMPONENT = H2       
    STREAM     SUBSTREAM    SPLIT FRACTION 
    S-325      MIXED                 1.00000     
 
 BLOCK:  SPT-100  MODEL: FSPLIT           
 ------------------------------ 
   INLET STREAM:          S-100    
   OUTLET STREAMS:        S-101       S-102       S-103    
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
 
                      ***  MASS AND ENERGY BALANCE  *** 
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                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            36372.6         36372.6         0.00000     
       MASS(LB/HR   )           0.124500E+07    0.124500E+07     0.00000     
       ENTHALPY(BTU/HR  )      -0.573012E+10   -0.573012E+10     0.00000     
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             0.00000      LB/HR            
    PRODUCT STREAMS CO2E          0.00000      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
                          ***  INPUT DATA  *** 
 
  FRACTION OF FLOW                 STRM=S-101    FRAC=         0.33333     
                                   STRM=S-102    FRAC=         0.33333     
 
                           ***  RESULTS  *** 
 
  STREAM= S-101          SPLIT=          0.33333     KEY=  0    STREAM-ORDER=   1 
          S-102                          0.33333           0                    2 
          S-103                          0.33333           0                    3 
 
 BLOCK:  VAL-200  MODEL: VALVE            
 ----------------------------- 
   INLET STREAM:          S-224    
   OUTLET STREAM:         S-225    
   PROPERTY OPTION SET:   PENG-ROB  STANDARD PR EQUATION OF STATE                
 
                      ***  MASS AND ENERGY BALANCE  *** 
                                    IN              OUT        RELATIVE DIFF. 
    TOTAL BALANCE 
       MOLE(LBMOL/HR)            36374.4         36374.4         0.00000     
       MASS(LB/HR   )           0.125242E+07    0.125242E+07     0.00000     
       ENTHALPY(BTU/HR  )      -0.597601E+10   -0.597601E+10     0.00000     
 
                      ***  CO2 EQUIVALENT SUMMARY *** 
    FEED STREAMS CO2E             0.00000      LB/HR            
    PRODUCT STREAMS CO2E          0.00000      LB/HR            
    NET STREAMS CO2E PRODUCTION   0.00000      LB/HR            
    UTILITIES CO2E PRODUCTION     0.00000      LB/HR            
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    TOTAL CO2E PRODUCTION         0.00000      LB/HR            
 
                          ***  INPUT DATA  *** 
 
    VALVE OUTLET PRESSURE     PSIA                        741.696       
    VALVE FLOW COEF CALC.                                 NO   
 
                          FLASH SPECIFICATIONS: 
    NPHASE                                                  2 
    MAX NUMBER OF ITERATIONS                               30 
    CONVERGENCE TOLERANCE                                   0.000100000 
 
                          ***  RESULTS  *** 
 
    VALVE PRESSURE DROP       PSI                         418.606       
